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ABSTRACT

Reactive distillation is the combination of unit operations reactor and distillation column into one
unit. Reactive distillation offers higher conversions, reacting away azeotropes , heat integration, product
selectivity and significant capital saving. Reactive distillation is industrially applied for many reactions.
Equilibrium and non-equilibrium models are commonly used for modeling of reactive distillation. The
equations used for modeling are called MESH equations. M-material E-equilibrium S-summation H-
enthalpy. The model equations were developed for a reactive distillation unit consisting of a batch reactor
and one stage distillation unit. The model was applied in an ethanol and acetic acid esterification reaction
considering homogeneous and heterogeneous reaction kinetics. Nineteen modelling equations were
developed with 22 variables and three variables being specified. The differential equations were
converted into algebraic equations by applying forward Euler method. Bubble point program is used to
find equilibrium vapour composition and temperature. The initial composition of the reactor and the
condenser as 45% acetic acid 45% ethanol,1% water. The holdups are assumed as 5000moles and
100moles respectively. Simulations for solving of algebraic equations and bubble point temperature
calculation were developed in matlab environment. Simulation results were observed for different 0.825
to 0.99L0/V1 ratios. Dynamics of reactor and condenser compositions and ethyl acetate purity in the
accumulated distillate were simulated for different LO/V1 ratios. Maximum ethyl acetate percentage in the
accumulated distillate increases with increase in LO/V1 ratio. The dynamics of reactor temperature and
conversion of acetic acid show high conversions of acetic acid in higher reflux ratios. Further the reactor
heat load and batch time also increase with increase in LOover V1 ratio. Average production rate reduces
with increasing LO/V1 ratio. The simulation was also done for heterogeneous reaction Kinetics using
Langmiur-Hinshelwood kinetic model. The variation of condenser composition, ethy! acetate percentage
in the accumulated distillate, dynamics of reactor femperature and conversion of acetic acid were studied
with time. Modelled re%ugs show-that increase in’thelLBf\V1 ratfo incréase tte reactor batch time, although
no variation in the average/production tate isiohsérved;

Key words: Reactive distiftation’ modeling,-Stmilattort, Esterification , ethyl acetate
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CHAPTER 1
INTRODUCTION

1.1 Background

Reactive distillation is the combination of reaction and distillation operations into one
unit operation. By combining two unit operations into one, the process is intensified reducing
the inventory of chemicals involved in the process and thereby reducing the hazards
associated with large quantities. Further, it reduces capital costs and production costs as well.
Reactive distillation offers less waste and fewer byproducts and also reduces recycle costs for

excess reactants (Lee and Dudukovic,1998).

Reactive distillation is now an industrially established process(Berman, Isbenjian,
Sedoff and Othmer, 1948) which can be used for various reactions such as Acetalation,
Aldolcondensation, Alkylation, Amination, Dehydration, Esterification, Etherification,

Hydrolysis, Isomerization, Oligomerization and Transesterification (Kumar, 2010).

In reversibl{i%actions higher conversians «can Joesachievediin reactive distillation
process by shifting 'fﬁ;él--reaction equitibriti-t8thesright or on to the product side. Further in
reactive distillation the products formed are continuousiy separated and possible side
reactions are eliminated. Higher selectivity can be achieved due to elimination of these
possible side reactions (Simandl and Svrcek, 1991; Raghavan, Radhakrishnan and
Sirinivasan, 2011). Azeotropic mixtures can also be eliminated as the products go
continuously to the vapor phase. Further, the heat of reaction can be used for vaporizing the

reaction mixture for distillation.

Reactive distillation has some constraints. The reactants and products should have
suitable volatilities to maintain high concentrations of reactants and low concentrations of
products in the reaction zone in the reactor. If the residence time for the reaction is high a
large column size and large tray holdups may be required for distillation process. Pressure
and temperature required for distillation process may be different from the temperature and

pressure required for reaction to take place.

One of the main advantages of reactive distillation is the reduction in capital cost. An
application in the industry is replacing the traditional reactor and distillation column system



with reactive distillation achieving a fivefold reduction of the capital investment and energy

consumption (Kumar, 2010).

Reactive distillation is mainly of two types namely batch and continuous. The
modeling of reactive distillation process for both batch and continuous is very rigorous as it
has complex interactions between vapor-liquid equilibrium, vapor liquid mass transfer, intra-
catalyst diffusion and chemical kinetics. The research work in literature for batch reactive
distillation modeling is less compared to that of continuous reactive distillation (Taylor and
Krishna, 2000). Most of the modeling work on batch reactive distillation in literature has
been done considering several distillation separation stages (Patel, Singh, Pareek, and Tade,
2007).

Esterification of acetic acid with ethanol produces ethyl acetate which is one of the
widely used solvents in surface coating and thinners manufacturing industry in Sri Lanka. It
is also used in manufacturing flavors and essences, flexible packaging, wine, adhesives,
cleaning fluids, inks, nail polish removers and silk, coated papers, explosives, artificial
leather, photogr _ volves reaction

and distillation c %;r@ s where application of reactive distiltation coutd ery beneficial.
Y



1.2 Research Objectives and Scope
Main objectives of the research:

e Development of a mathematical model to model reactive distillation for a batch
reactive distillation process with single stage separation.
e Application of the model using homogeneous reaction kinetics for acetic acid
esterification with ethanol
e Application of the model using heterogeneous kinetics developed for an ion exchange
resin catalyst for acetic acid esterification reaction with ethanol.

e ldentification of most suitable operation conditions for reactive distillation.



1.2 Thesis structure

This thesis contains five chapters and chapter one is an overview of the background of

the research, research objectives and the structure of thesis.

Literature Survey in Chapter two includes research works carried out related to
reactive distillation, esterification applications in reactive distillation and different types of

mathematical models developed for reactive distillation by various researchers.

Chapter three explains model equations development for a batch reactive distillation
system. It contains total mole balance, component wise mole balance, and overall enthalpy
balance for condenser reflux drum and reactor batch. It further includes equilibrium
relationships, enthalpy relationships, reaction kinetics, degrees of freedom, equilibrium data

and methodology for the bubble temperature calculation.

Chapter four describes modeling acetic acid esterification in reactive batch distillation

considering homogeneous and heterogeneous reaction kinetics.

The results gﬁappllcatlon of the _model in acefic acid and ethanol esterification
reaction are presented i chapter five, Reactor compositions and condenser compositions at
different reflux ratios are presented in this chapter. The results of application of the reactive
distillation model with homogeneous as well as heterogeneous reaction kinetics are also

shown. Finally, chapter six presents conclusions and recommendations for future work.



CHAPTERZ2
LITERATURE SURVEY

2.1 Introduction

There is an increasing demand for processes which need less energy, produce zero
waste chemicals and optimum use of chemicals in various industries. Process intensification
is one of the new approaches which uses methods (software) and equipments (hardware)

leading to compact, safe, energy-efficient, and environment-friendly sustainable processes.

Reactive distillation, spinning disk reactor, static mixer reactor, monolithic
reactor, micro reactor, static mixer, compact heat exchanger, rotating packed bed,
centrifugal absorber, heat integrated reactor, reactive separation, reactive communition,
reactive extrusion, fuel cell, membrane adsorption are some examples which use process
intensification. Reactive distillation (RD) is the integration of chemical reaction and
separation of products and reactants at the same place and same time where
conventionally . has been used
in a small nur i.ge%j ustrialapplications for' iany - yeéars,”but*<during last decade an

sl AR AR A { e khAA ~TRearm 7AaA

increase in both reseaic hammad, Arfaj,

Luyben, 2002).

In comparison to conventional reactor—separator sequence, reactive distillation
allows for higher reactant conversion, product selectivity and energy savings with
favorable investment and operating costs (Kenig et al., 2001, Raghavan 2011). However,
there are several constraints that, limit the successful application of RD, such as complex
design, difficulty in scaling- up, advanced process control, difficulty in determining
operating range for distillation and reaction and proper boiling point sequence, and

providing proper residence time characteristics (Taylor et al., 2000).

Optimal performance of reactive distillation processes depends strongly on a
reliable process design, properly selected column internals, feed locations, catalyst choice,
as well as on a sufficient understanding of the process behavior that is considerably more
complex than that of conventional reactor—separator sequences. The introduction of
separation function within the reaction zone leads to complex interactions between
vapor-liquid equilibrium, vapour liquid mass transfer, intra-catalyst diffusion (for

heterogeneously catalyzed process)and chemical kinetics. Such interactions have been

5



shown to lead to the phenomenon of multiple steady state and complex dynamics
,which have been verified in experimental, laboratory and pilot plant units (Chen, Huss,
Malone, & Doherty, 2002; Jacobs and Krishna, 1993; Mohl et al, 1999; Singh, Kumar, &
Kaistha, 2005). Therefore, the design of reactive distillation processes requires reliable and
accurate models that enable the process engineer to significantly decrease the expensive

and time consuming experimental work.

The figure 2.1(a) and Figure 2.1(b) illustrate an example comparing reactive distillation
process and the conventional reactor and distillation separate processes considering the

reversible reactiond — 5 = C + D where the boiling points of the components follow

the sequence A, C, D,B. The traditional process consists of reactor followed by a
sequence of distillation columns as shown in figure 2.1(a).The mixture of Aand B is
fed to the reactor, where an equilibrium is reached in the presence of a catalyst. A
series of distillation columns are required to produce pure C and D. The unreacted
components A and B are recycled back to the reactor. If one or more azeotropes are

formed the disti!!ation becomes more complex.

2 A G c
P - 21 =21
Seperating
BandC
B
Reactive
A iy cD > Section
! A7 A,B,
C,D 5
A 7|
>
Seperating
Reactor Aand D
— | (== — —
C,D,B
B D D
(a) Conventional process (b) Reactive Distillation

Figure 2.1: Comparison of reactive distillation with conventional Process



The reactive distillation column configuration shown in Figure 2.1(b) consists of a
reactive section in the middle with nonreactive rectifying and stripping sections at the top
and bottom respectively. Reactant B is recovered from the product C in the rectifying
section. The task of stripping section is to strip off the reactant A from the product stream D.
In the reactive section the products are separated from the reactants, driving the reaction
equilibrium to the product side of the reaction. At the same time undesired side reactions
between reactants and products are eliminated. According to literature a hundred percent
conversion can be achieved by using properly designed reactive distillation columns (Taylor
and Krishna, 2000).

In order to achieve good designs of reactive distillation units, various data and
operational parameters are required. As the reactive distillation is a complex operation
research work has been carried out to determine these data for various reactive distillation
conditions by mathematical modeling as well as by experiments.

Lee and Jul (1998) cat ed equil ind non eq ium models for
modeling reactive g%;;i:i ey . They. haveqused . the (Homatopy-cont on method and
Newton-Raphso *n;r‘ invselving imedel- egt veal that non-
equilibrium mo , | lifficulty in the

accurate prediction of tray efficiency in reactive distillation column. Synthesis of fatty acid
esters of heavy alcohols for 2-ethyl hexyl dodecanoate using reactive distillation had been
studied by Omata, Dimian, and Bliek (2003). In this modeling research work experimental
Kinetic data for a super acidic sulphated zirconia catalyst have been employed. The results

show that this catalyst is highly selective even for high alcohol to acid ratios.

An algorithm had been developed to model 2-pentene metathesis and MTBE
synthesis by Steffen and Silva (2012).Their simulation results were close to the results
available in other literature(Chen, Huss, Malone and Doherty, 2000;Singh, Kumar and
Kaistha, 2005). A rigorous dynamic rate based model had been developed for the production
of methyl acetate by Schneider, Noeres, Kreul and Gorak (1999).In their work
thermodynamic non idealities have been considered for phase equilibrium and quasi
homogeneous approach had been implemented which is also suitable for heterogeneous
catalysis. Several experiments had been carried out in a pilot plant column to validate this

model.



Maiti, Jana, and Samantha (2013) have developed a mathematical model for thermally
integrated batch reactive distillation in which rectification tower runs at atmospheric pressure
and the concentric reboiler runs at vacuum. Positive savings of energy and better economic
figures have been inspected than that in the conventional batch reactive distillation. Edreder,
Mujtaba, and Emtir (2011) have studied optimal operations of conventional and inverted
batch reactive distillation for hydrolysis of methyl lactate to lactic acid. Minimum operation

time is obtained by optimizing the reflux ratio.

Araromi, Sonibare, Justice and Afolobi (2011) have done an experimental study to
recover acetic acid from an aqueous solution and production of a useful ester using reactive
distillation. The homogeneously catalyzed esterification of dimethyl carbonate with ethanol
has been modeled and compared with pilot scale experimental data by Keller and Gorak
(2013). Lai, Liu, Yu, Lee and Hung (2008) have studied production of high purity ethyl

acetate experimentally using a reactive distillation pilot-scale plant.

Kenig et al.,(2001) used a simulator called ‘DESIGNER’ which is completely rate

based in order t _ rocess variables
for reactive dist uéag t of reactive distillation experiments have t performed in a
glass tray column With 8 le cap,trays_to vali ' licti nsen (2007) has
discussed comr gn methods and

roles of various partners in the development and implementation of reactive distillation.
Chiang, Kuo, Yu and Wong (2009) have compared reactor and column reactive distillation

configurations for amyl acetate process.
2.2 Benefits of Reactive Distillation

Higher conversions are obtained for equilibrium-limited reactions due to shifting
of the equilibrium to the right side of the reaction . Since products are continuously
separated product concentration in the mixture reduces. Therefore the reversible reaction
equilibrium goes to the product side (Bhatia et al., 2007). This is exemplified by the
production of methyl acetate, methyl-tert butyl ether(MTBE), tert-amyl ether  and
production of condensation polymers. In some applications, chemical reaction has the
beneficial effect of “reacting away” some of the azeotropes in the mixture and greatly
simplifying the phase equilibrium behavior. This happens in the process for synthesis of

MTBE. Improved selectivity is obtained because of removal of products from the



reaction zone and prevention from undergoing further reaction to by-products (Taylor et
al.,2000).

Such benefits are obtained for example in the production of propylene oxide
from propylene chlorohydrins, in the alkylation of benzene to produce cumene and in
alkylation of butane to produce isooctane. Benefits of heat integration are obtained
because the heat generated in the chemical reactions is used for vaporization(Taylor et
al., 2000). This is particularly advantageous for situations involving high heats of reaction
such as the hydration of ethylene oxide to ethylene glycol. Hot spot formation is therefore

prevented.
2.3 Commercial Applications

There are many documented success stories involving the industrial implementation of
reactive distillation. The applications of reactive distillation in the chemical and petroleum

industries have increased rapidly in the past decade. One such example is the

manufacturing of me mar., 2010). In
this case a sing g;ea%t. distillation colun laced_elé al )perations along
with  heat ex ‘ng};rc Jmps._and. controllers )as a five- fold
reduction in caf onal design for

methyl acetate production (Kumar., 2010).

The concept of reactive distillation has been industrially applied for certain
types of reactions. The most important being esterifications, transesterifications and
etherifications in which the maximum reactant conversion is limited by chemical
equilibrium. Nitrations, polycondensations, alcylations, halogenations, acetylation, aldol
condensation, alkylation, amination, dehydration, hydrolysis, isomerization, and
oligomerization are the other industrially applied chemical reactions (Hiwale et al., 2004)
Nowadays, the reactive distillation application is observed with the largest number in
installations producing methyl tertiary butyl ether (MTBE) which is used in gasoline
blending. Other esters such as ethyl tertiary butyl ether (ETBE), tertiary- amyl methyl
ether (TAME) or fatty acid methyl esters (FAME), are also produced by reactive distillation .



MeoH _HAC |MeOAc
Catalyst r9“|AfAC ==
Reactor ‘&= g L AcOH

MeOH

H,O | Water

(a) Conventional process (b) Reactive Distillation

Figure 2.2: Processing schemes for Methyl acetate esterification reaction

(Source: Taylor and Krishna, 2000)

Conventional processing scheme consisting of one reactor followed by nine distillation columns
is shown in figure 2%@

2.4 Application of Reactive Distillation in Esterification

Production of methyl acetate and MTBE are examples of successful commercial
application of reactive distillation. Esterification reactions n-butanol, isobutyl alcohol, amyl
alcohol and hexanol with acetic acid are common reactive systems which use reactive
distillation (Hiwale et al., 2004). These alcohols are sparingly soluble in water and the ester is

almost insoluble.

Butyl acetate is an important chemical which is used as a versatile solvent in various
applications. It is commonly synthesized by esterification of n-butanol with acetic acid in the
presence of acid catalyst. Homogenous catalyst is being used in this reaction. Difficulty in
separation of catalyst from product stream, corrosion and disposal problems are likely to

occur in homogenous catalyzed processes (Hiwale et al., 2004).

Amyl acetate is another important solvent ester that may be synthesized using reactive
distillation. It is four times more efficient to use reactive distillation than reactor followed by

distillation column in terms of the total annual cost (Hiwale et al., 2004). Methyl isopropyl

10



acetate is an important solvent and component in paints and adhesives due to its unique
ability to dissolve both polar and non-polar compounds. The reaction is carried out in a
reactive distillation column with acetic acid and 2-methyl propanol in the presence of ion
exchange resins (Hiwale et al., 2004).

Methyl acetate is used as an intermediate in the manufacture of a variety of polyesters
such as photographic film base, cellulose acetate, tenite cellulosic plastics and estron acetate.
Sharma and Mahajani (2003) have discussed the manufacture of methyl acetate via reactive

distillation.
2.5 Reactive Distillation Mathematical Models

For modeling reactive distillation columns, two distinctly different approaches

are available in the literature (Taylor and Krishna,2000)

(1) The equilibrium (EQ) stage model, in which the vapor and liquid phases are assumed to

be in thermodynamic equilibrium, and

Sy VA Dl ly A AR GLELE VYL, - I A L CALANCE,

(2) The Non eq %w: rates across the

bl

vapor liquid interface is4

Assumptions used in most reaciive disiiliaiion modei deveiopment are as follows (Estrada-

Villagrana and Bogle, 1999).

1. Each separation stage in distillation is perfectly mixed. That is liquid composition at each

stage is homogeneous and equal to the composition of liquid leaving the stage.

2. Entrainment of liquid drops in vapor and occlusion of vapor bubbles in liquid are

negligible.

3. Vapor molar holdup and vapor-phase chemical reactions are neglected.

11



2.5.1 Equilibrium stage modeling of reactive distillation

The principal assumption of the equilibrium stage model is that the vapor and
the liquid stream that leave the stage are in thermodynamic equilibrium. In most real
distillation columns, the residence time is too short to reach total equilibrium. For
this reason, Murphree efficiency and Vaporization efficiency have been introduced into the
model to account for the non ideal behavior. The MESH equations which consists of
material balance (M), equilibrium relationship (E), summation of all substances (S), and
enthalpy balance (H) equations are used to model and simulate conventional distillation

columns as well as reactive distillation(Taylor and Krishna,2000).

In order to write MESH equations for an equilibrium stage Taylor and Krishna (2000) have

used the following figure 2.3.

Vi L, Vi T
L L v
Xi.j-1 H 1 H ji T H i
J ' \Mapour,dray-off
e ra—— —— T |
Liquid feefea®il]l  E] !
to stageyy =z i A
Liquid Vapour

Q” [ ) o~

Vapour feed
to stage

<

P i
= L V \")
1qul raw-o T ; i i H -

HJL v X

Figure 2.3: Equilibrium (EQ) stage in a reactive distillation column

(Source: Taylor and Krishna, 2000)

The figure 2.3 shows a schematic diagram of an equilibrium stage or a cross section
of a reactive distillation column. In the model of Taylor and Krishna (2000) it is assumed that

vapor and liquid phases are at equilibrium in the stage and reaction takes place at liquid

12



phase. Vapor from the stage below and liquid from the stage above are brought into
contact on this stage together with any fresh or recycle feeds. The vapor and liquid

streams leaving the stage are assumed to be in equilibrium with each other.

The equations that model equilibrium stages are known as the MESH equations,
MESH being an acronym referring to the different types of equation as described in the above
paragraph. The M equations are the material balance equations and the total material balance
for an equilibrium stage of a reactive distillation as shown in figure 2.3 takes the form as

shown in equation 2.5.1.1.

dUJr r i T " I N N

m=1:i=1

This type of modeling has been used in research works of Estrada, David and Bogle
(1999) in their work on exploring the interaction between flows and composition in reactive

distillation.

The notation L)j is the holdup on stage {. With, very few exceptions, Uj is considered to
be the hold-up only @“f"ywe ligeigl-phase.. It is1,more. imporiant. to.include the hold-up of the

vapor phase at highefpressures as if flasiigh molar content.

The component material balance (neglecting the vapor hold-up) is as shown in equation 2.5.1.2.

WX y L Fz, —(@rVy, —Lert)x, + v, R 2512
. [ T Y R o Y (0 VA VR jxi’j+mz;ivi‘m i€ (25.1.2)

In the material balance equations 2.5.1.1 and 2.5.1.2 given above, rjis the ratio of side

stream flow into inter stage flow:

vy =8//V.....(25.1.3)

rE=5SHL; .. .. (2514)

In these equations S is the inter stage flow that is the flow within a stage.
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vim represents the stoichiometric coefficient of component i in reaction m and g;j represents

the reaction volume.
The phase equilibrium relations are shown in equation 2.5.1.5.
Vij = K ;% ;.. (2.515)

Chemical reaction equilibrium is not considered in many of the early models developed
such as the models proposed by Holland(1963,1981), Henley & Seader (1981), Seader &
Henley (1998) because it is more difficult to model.

The S equations in MESH are the summation equations shown in equation 2.5.1.6 and 2.5.1.7.

The enthalpy balance is given by equation2.5.1.8.

e i

dU;H, %, g
i =y, 17\ DY) 1T lectmfiie (ThesEyifu DiskeHatipms: — Q; ... (25.1.8)

=V..
dt 7+l

Equilibrium stage imocdeling needs accuraie predictions of tray efiiciency (Lee and
Dudukovic, 1998).
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2.5.2 Non equilibrium stage modeling of reactive distillation

VK+i LK
YK+i xl K
HV} H v H Li

Figure 2.4: Non Equilibrium (NEQ) stage in a reactive distillation column
(Source: Taylor and Krishna, 2000)

A schematic representation of the NEQ stage is shown in above figure 2.4.A
similar model has been used by Taylor and Krishna (2000) in their work. This NEQ stage
may represent a tray or a cross section of a packed column. According to Taylor and
Krishna (2000) the component molar balances for the vapor and liquid- phases are as

shown in equation 2.5.2.1 and equation 2.5.2.2.

Vivi; — VisaVijer — i T N =0, (2.5.2.1)

(Taylor and Krishna, 2000)

The total number of components in the mixture is taken as 'c' in the column tray or packed

column cross section.
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Here N jis the interfacial mass transfer rate and is the product of the molar flux and the
net interfacial area. The overall molar balances are obtained by summing above two equations

2.5.2.1 and 2.5.2.2 over the total number of components in the mixture (c).

The most fundamentally sound way to model mass transfer in multi component
systems is to use the Maxwell Stefan theory (Krishna & Weaseling, 1997; Taylor & Krishna,
1993). The Maxwell Stefan equations for mass transfer inthe vapor and liquid-phases

respectively are given by equation 2.5.2.3 and equation 2.5.2.4.

T c I I
x, ou; x Ny — x N?
i OH; =Z% IIIIII (2.5.2.3)

RTL A=z c: D7,
k=1 Foh
a r c ""rr_r n"rr_r
V. -l:.l X w — Vo d .'l
W B Z ——— . .-(2.5.2.4)
RT" dz . : c. D,
o= i

In these equations xi andy; are the mole fractions of species i in the liquid and
vapor phases, respectively. The D., represents the corresponding Maxwell Stefan
diffusivity of the i-k pair(arbitrary two components from the four components) in the
appropriate phase(\ét&-"%pr phase or liquid phase). Here_only (c-1). numbers of equations are
independent. The nj‘ql_.g_ fraction.of theJast companent is obtained by the summation equations

for both phases.

The applications of NEQ model can be found in Krishna & Wesselingh (1997) and in Taylor &
Krishna (1993).

At the vapor-liquid interface we can write the continuity equations as shown in equation 2.5.2.5.

The N;, jis obtained from the Maxwell -Stefan equation as following equation 2.5.2.6:

T c T T
¥, . our; i, Ny . —x, N-
oy OMiy _ Z s = Zugly o o5 6
RT; o1 cr; (K@),

Similar relation can be obtained for the vapor phase.

The Kbk represents the mass transfer coefficient of the i-k pair (arbitrary two

components i and k from four components) in the liquid- phase. This coefficient can be
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estimated from information on the corresponding Maxwell -Stefan diffusivity I, using the

standard procedures discussed in Taylor and Krishna (1993). The notation ‘a’ is the
interfacial area. In this case only (c-1) numbers of equations above are independent. The

mole fraction of the last component is obtained by the summation equations for both phases.

The enthalpy balances for vapor and liquid-phases are given by equation 2.5.2.7 and equation
2.5.2.8 respectively.

VH =V, H, —F HT+E +Q7 =0.... (2.5.2.7)

L;Hf — L;_yHfsy —F/HF —E; + @] =0....(2.5.2.8)

The inter phase energy transfer rates E; which is equal in both phases have conductive

and convective contributions as shown in equation 2.5.2.9.

E TN ML HE 2.5.2.9

- = —h-a - CoHE. L (2.5.2.

f=ag o+ ) N HE..(2529)
i=1

35
y

A simile ‘Xlﬂ?!"‘ IR ‘Na '\written Lo ELehat™ hl-J is the heat
transfer coefficient in the ||qU|d phase. | he conductive contributions are |gn0red in some

modeling studies.
At the vapor liquid interface phase equilibrium is assumed which is given by equation 2.5.2.10.

Viglt = Kpxgglpon (2.5.2.10)

where the subscript i denotes the equilibrium compositions and Kij; is the vapor
liquid equilibrium ratio for component i on stage j. The K values are evaluated at the
temperature, pressure and composition of the interface from appropriate thermodynamic models
(Taylor and Krishna,1993).

The non-equilibrium stage models predict more accurate results compared to EQ stage

models as these models require accurate tray efficiency data (Lee and Dudukovic, 1998).
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CHAPTER 3
DEVELOPMENT OF REACTIVE DISTILLATION MODEL

Reactive distillation allows combining the benefits of reactor where the reaction takes
place and the distillation column where the separation takes place. Predictive process design
requires a combination of mass transfer, heat transfer and reaction Kinetics in reactive

distillation.
3.1Model Apparatus

In this work a single stage batch distillation process is used in developing the reactive
distillation model equations. Although modeling works for multiple stage batch reactive
distillation are available in literature (Patel et al, 2007) modeling of single stage batch
distillation are lacking. The reactive batch distillation process used in this work is shown in

figure 3.1.

It is assumed that the batch distillation column contains A1 molar holdup constituting
x mole fraction of thf éf;._t_h spectes 'of ‘component. Reactor' is-hedted-with-a-heating element and
this has a heat duty’d’l (J/min)."The vapor V1 1eaving the distillation column has y vapor
composition. Vaporx" é’ﬁtérs a condenser which has a heat duty Qo (J/mol) and it produces a

reflux stream (Lo) and a distillate stream (D).
Assumptions made in arriving at the modeling equations are as follows:

e Chemical reactions occur only in the liquid phase.

e Vapor phase is assumed to be ideal gas.

e Concentration through the liquid phase is homogeneous

e Heat generated due to chemical reaction is taken into account.
e Constant operating pressure.

e Entrainment is negligible.

e liquid is in equilibrium with vapor composition
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Batch Reactor
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Figure 3.1: Single stage batch distillation process

3.2 Reaction Rate

The reaction rate for a reactant is considered as how fast a reaction takes place.
Quantitatively, the reaction rate is expressed as the number of units of mass of some

participant that is formed or transformed per unit of time t per unit of volume v of the system.

Based on definition of reaction rate, the reaction rate of a substance i, ri is given by,

" _1dN; _ (molesi formed)
' vdt  (volumeof fluid)x time)
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dN/dt is moles i formed per unit time. In equation 3.2.1, v is the volume of the fluid. N;j is the

number of moles of substance i formed. Considering that A is the molar holdup and C; is the

. : : . A
concentration of i component, the volume of the holdup mixture can be obtained by —— .

2

Therefore,

R, is defined as rate of reaction of the i ™ component (ri) divided by the summation of

component concentrations. Therefore R; can be written as follows.

By substituting | defi ained.

The similar definition has been used by Patel et al. (2007) in their work on dynamic
simulation of reactive batch distillation column for ethyl acetate synthesis. Therefore the rate
of formation of reactants from the chemical reaction can be shown as follows.

. &N,
Rate of reactant formed due to chemical reaction= ot
i=1
Derivation of basic mathematical model consists of mass and energy balances around

condenser reflux drum and for a stage or plate.
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Material balance for a reactant can be written as follows.

4 rate of ) 4 rate of A 4 rate of N 4 rate of A
reactant reactant reactant loss accumulati
flow into flow out of due to on of
element of element of chemical reactantin .3.2.5
volume = volume + reaction + element of
within the volume
element of
\_ _J L ) L volume D L )

3.3 Development of model equations for Condenser Reflux Drum
(a) Total Mole Balance

Considering equation 3.2.5 by applying total mole balance on the Condenser Reflux drum.

€ FYectiohic FheRs & Dissertatit @3
LIS dt

Applying equation 3.2.4 for all components in the condenser reflux drum results in the
following equation 3.3.2.

& AN, -
Y= ARy (332)

i=1

By applying 3.3.2 in equation 3.3.1.

V, =L, + D- ADR, + s (3.3.3)
i=1
dd—Atb—Vl—Lo—D“LAoZRm ......... (3.3.4)
i=1
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(b) Component wise Mole Balance for Condenser-Reflux Drum

Applying component molar balance equation 3.2.4 what is this equation for a

component i in the condenser reflux drum, the following equation 3.3.5can be obtained. The
rate of component i flown into the system is given byV,y,. The DX,; andLyX,; are the rate
of component i flown out of the system. Rate of component i lost due to chemical reaction in

0,i

the condenser-reflux drum is given by .Rate of accumulation of component i in the

dA Xy
dt

Condenser- reflux drum is

dN,. dA X,
Viy, =(D+Lg)Xg — dt°" + A;t‘“ ...... (3.3.5)

Substituting equation 3.2.4 in equation 3.3.5 gives equation (3.3.6),

dx. . AdA

VLY 0, 8.5 3)
GHE at

From equation

dx, ; c
(3-3-4) Vlyi :(D+L0)X0,i - Ro,iAo + Ao szI +X0,i(V1_L0 _D+AOZRO,ij ----- (3-3

)
dX,; c
Viyi == RyA o+ A o XoiPo D Roi + XoVi.....(3.3.8)
i=1
dx,, V, c
_()j((t) - Ki(yl’i _ XO,i)+ Ry, — Xo,iiz:l:Ro,i e (3.3.9)

(c) Overall Enthalpy Balance for Condenser Reflux Drum

Consider the rate of heat flow out of the condenser reflux drum system as, Qo. The

rate of disappearance of heat by reaction within the condenser reflux drum is shown in

equation 3.3.10.
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dN.
—AH, d_tl =-ARy;AH, .. (3.3.10)

The rate of accumulation of heat within element of volume is given by equation 3.3.11.

d(AH ) dH, ,
dt dt

= A

+HL’0—

Hyo Ao is the enthalpy of the liquid in the condenser reflux drum.

Rate of heat flow into the condenser reflux drum is equal to the summation of rate of
heat flow out of the condenser reflux drum, rate of disappearance of heat by reaction within
the condenser reflux drum and rate of accumulation of heat within the condenser reflux drum.

This heat balance is shown in equation 3.3.11.
dH d
Hy .V, =H_ (L, + D)+ (_ AOROAHr)+Q0 + Ay Tm +H_, d—A;O ------ (3.3.12)

H, .V, is rate of heat flow into the condenser reflux drum from the vapor flow. The rate of

heat flow out from distillate and refluxistreamsdierft 5. and Hagkgirespectively.

Substituting from equation (3.3.4)

dH c
Hv,1V1 = HL,O(LO + D)+(_ AOROAHr)+QO + AOTU)+ HL,O(Vl - Lo - D)+ AOZRO,i
i=1

Rearranging equation 3.3.12

dH V,
TL'O:Ki(Hv,l_HL,o)"' R,AH, _K_HL'O; Roji-memmmeeeeees (3.3.14)
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3.4 Development of model equations for the Reactor Batch
(a) Total Mole Balance for Reactor Batch

Rate of total mole flow into the reactor batch is equal to the sum of rate of mole flow
out of the reactor batch, rate of mole lost due to chemical reaction within the reactor batch
and rate of accumulation of total moles in the reactor batch. This relationship can be

expressed as an equation as shown in equation 3.4.1.

¢ dN,; dA,
L =V, - Lo 2L (340
0 ! Zl dt dt

1i

: : . L dN .
By applying rate of component i lost from reaction which is given by o as shown in

equation 3.2.4, for all components ‘¢’ in the reactor batch and summing them up results in the

following equation 3.4.2.

S Hor$ubstitntibhOses—t-E1AsSM I Ritiong
dA c
E:LO_Vl_FAiZRl,i ............... (3.4.3)
i=1

(b) Component wise Mole Balance for Reactor Batch

In the component wise mole balance for batch reactor, the addition of rate of
component flow out of the reactor batch, rate of component lost due to chemical reaction
within the reactor batch and rate of accumulation of component in the reactor batch is

equated to rate of component flow into the reactor batch. This is shown in equation 3.4.4.

The rate of component i flow into the reactor batch from reflux drum isLyX,;. Similarly
V.Y, is the rate of component i flow out of the reactor batch as vapor. Rate of component (i)

L. dN,,
lost from reaction is given by dtl‘l

. In equation 3.4.4
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dAX;; . : i
Aciit L is the rate of accumulation of component i in the reactor batch.

dNy; dA, X,
LoXoi =Viyy, - dtlv + it 2 (3.4.4)

dx. .
LoXo; =ViVei— RyA + A 1"+xl,idi ...... (3.4.5)

By applying equation (3.4.3) in equation (3.4.5)

dx, ; °
- +x1,i(Lo V,+AY Rl’ij ...... (3.4.6)

i=1

LoXoi =Viyii— RyA + A

dx, . N
% = %(XOi - Xl,i)+%(xli - y1_i)+[R1,i - Xli;Rli] """""" (3'4'7)

(c) Overall Enthal@?ﬁﬁalance around Reactor.Batch

rate of heat A 4 rate of heat h d rate of B a rate of )
flow into the flow out of disappearance accumulation
system the system of heat by of heat
= + reaction within + within the
the system system
~ - y — AN /

In order to apply the energy balance on reactor batch the rate of heat flow into the reactor

batch from heater is taken as Q1.

The rate of disappearance of heat by reaction within the element of volume is given by the

equation 3.4.8 as shown below.

dN.
=—AH, d_tl =-AR;AH . (3.4.8)
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The rate of accumulation of heat within element of volume is given by equation 3.4.9.

d(AH..) dA,
, L A
dt THL - 349

H,
dt

A d
The rate of heat flow into the reactor batch from the reflux stream isH_ ,L,. Rate of heat

flow out from the reactor batch isH,,V,. This heat is associated with the vapor leaving the

reactor batch.

Rate of heat flow into the reactor batch is equal to the summation of rate of heat flow out of
the system, rate of disappearance of heat by reaction within the system and rate of

accumulation of heat within the system. This relationship can be shown in equation 3.4.10

dH H dA,

H oLy =Hy.V, + (- ARAH,)-Q, + A 5 THug (3.4.10)
9A
Substitution of ~ dt from equation (3.4.3) in equation 3.4.10 gives equation 3.4.11,
a1 c
|_||_,o|-o = Hv,1V1 @‘AIRIAHr )le +7h Gi + DisddssarVrt Alz Rl,i .(3.4.11)
s : i=1
By rearranging equation 3.4.11 gives,
dH V. c
TLJ = % _%(HLJ —H L,O)_ Kl(HV,l - HL,1)+ RAH, — HL,1CZ:l: R1,i eeeee-(3.4.12)

26



3.5 Equilibrium Relationships

From Raoult's law

YiP =X P (3.5.1) (Smith et al., 1996)

In equation (3.5.1) P is pressure in the column and P% is saturation pressure of
component i. The individual values of yi and x; should satisfy the equations 3.5.2 and 3.5.3
below. The summation of mole fractions of the components in the liquid and vapor phase
should be equal tol.

C
DX =L (35.2)
C
Dy =L (3.5.3)
i=1
3.6 Enthalpy Relatigns
™
=
The notationgEP" andivviglve. thieenthall ase respectively

and from the relationships showi in equations 3.6.1 and 3.6.2 each of these values can be
estimated.The value of H “depends on liquid phase mole fraction and temperature where
as H " is a function of vapor phase composition. The ¢k is the specific heat of component i

in the liquid phase at temperature T. The hb and hyg, i are heat capacity of component i in the

liquid phase and latent heat of vaporization of component i respectively.

H'= Z Yi (hiL + hfg,i) ...... (3.6.2) (Patel et al, 2007)

i=1
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3.7 Equilibrium Data

The equilibrium relationship is obtained by modified Raoult’s law which is valid for

low to moderate pressure.

Modified Raoult's Law for low to moderate pressure is given by
Y. P = X, 7, P.** (Smith et al., 1996)

The vapor phase composition and temperature can be calculated by bubble point program
(Smith et al., 1996).

3.8 Bubble Temperature Parameters

Ideal gas model for the vapor phase is given by equation 3.8.1.

sat

YiP =X%7R
The yi is the activityseaefificientsT €omipon et
(i) Activity Coe!

The activity coefficient is given by Wilson equation (Smith et al., 2001).

Iny;, =1— 'n[Zj:XjG”] B ;[Zx,k’igki ]

(ii) Parameter G

The temperature dependence of the Gjj parameter is given by:

SN LY B

RT

Where Vj and V; are the molar volumes of temperature T (K) of the pure liquids j and i respectively,

And a;jj is taken as a constant over temperature range 350K and 400K.
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a;; = a;jandG;; = G
The values of Wilson parameters aj; used in above equation 3.12.3 for the chemical species can be

obtained from literature (Simandl and Svrcek, 1991; Patel et al, 2007).

(iii) Molar Volume
v osat vy Z(l—T/TC)°'2857 .(3.8.4)

The molar volume of saturated liquids is given by Rackett equation (Smith et al., 2001).

The V¢ and T. are critical volume and critical temperature of liquids respectively.
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3.9 Flow chart for Bubble Temperature Estimation
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3.10Flow chart for dynamic modeling of Reactive Batch Distillation (RBD) column
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Chapter 4
MODELING ACETIC ACID ESTERIFICATION IN REACTIVE
BATCH DISTILLATION

Ethyl acetate is used by many industries and it can be produced by esterification of
acetic acid in the presence of catalysts such as sulphuric acid, parasulphonic acid or ion
exchange resins. In this study the batch wise esterification of acetic acid with ethanol in a
reactive distillation unit was modeled. The esterification reaction was analyzed for two cases.
One case was for homogeneous kinetics with sulfuric acid catalyst and the other was for

heterogeneous kinetics with an acidic cation exchange resin catalyst.
4.1Reaction Kinetics

Acetic acid reacts with ethanol in the presence of a catalyst to give ethyl acetate and

water. This is an exothermic reversible reaction as shown in equation 4.1.1.

CH,COOH (AA) + C,H,OH (E) <22, CH,COOC ,H, (EAC) + H,OW)---(4.1.1)

The catalyst used in thi tion. could. pe a hamogen ora heterogen catalyst.
= >CiTC
4.1.1Homogeneous Reat Inetigs

For a homogeneous reaction of esterification of acetic acid to produce ethyl acetate in
the presence of a homogeneous catalyst such as sulphuric acid the reaction rate ‘r’ can be

written as follows,
r= KfCAACE - KrCEAch

In this equation C is the concentration of the reactant or product species.

When M is the molecular mass of ‘i’ species, X is the mole fraction of the 1 species and p is

the density of the solution, the concentration can be expressed as,

C Xip

i:W

By substituting this expression in equation 4.1.2 equation 4.1.3 is derived.
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2

0
r=—— (K; XX, =K, X;3%,) (4.1.3)

( XiMi)Z re3vars L.

By applying equation 4.1.3 in equation 4.1.4 the following equation 4.1.5 is obtained.

X.
R P2X (K XX, — K, XgXy) rrrrone (4.1.5)

B (ZXiM i)
The heat of reaction shown in reaction equation 4.1.2 is,

AH, =-14.5kJ/ mol (Giessleret al., 2001).

From literature the value of forward reaction rate constant in reaction equation 4.1.2 is,

Sl = uyexaostiitreyighbb ntvajtabil dnd Magchietto, 1997)

y.

The backward reactici rate constant b réaction eglation 4.1.2 is,

K, =1.63x10*litre / gmol.min (Mujtaba and Macchietto, 1997)

4.1.2 Heterogeneous Reaction Kinetics

The esterification of acetic acid was modeled and simulation for the heterogeneous
catalyst Trilite SCR-B which is an ion exchange resin mainly used in the water treatment
industry. The acidic cationic form of this resin has been studied for the above reaction by De
Silva et al (2014) and the most suitable heterogeneous model for this reaction had been
identified as the Langmuir-Hinshelwood (LH) kinetic model.

The Langmuir-Hinshelwood (LH) kinetic model is given by equation 4.1.6.

Ce\C

w

k C,C:—

r= A .....(416
(1+k,Cy +k:Ce) (4.16)
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According to De Silva et al (2014) study the constants k, kw and ke at 345K temperature have

the values as follows,

k =5.0x10""
k, =3.2x107?
ke =1.3x107"

Keq IS the equilibrium constant and according the study of De Silva et al (2014) its value is,

Xip

By substituting this expression in equation 4.1.6 results in the following 4.1.7 equation

K., =1.907 C; =

Pk (XX, — (X%, /1.907))
2
(XM, ] +ky X0+ ke X, 0] (4.1.7)

R =
[

4.2 Reactive Distillation Design System

Consider the%ctive disttilation systepyshown [im figure-3:bwith a single stage batch
distillation column:,éﬁhtaining A molarrhalduplalong with a batch reactor with Ao molar
holdup. Batch distillation column contains x mole fraction of i component. In this reboiler
heat duty is Q1 (J/mol) and vapor V1 leaving the distillation column has y vapor composition.
Vapor enters the condenser having a heat duty Qoand it produces Lo reflux and D distillate

streams.

For the design batch it was assumed that 5000 total moles is fed into the reactor.
Further it was assumed that 100 moles of the same solution is fed into the condenser reflux

drum initially.

For the homogeneous kinetics study the initial composition of the feed to the reactor
and the condenser reflux drum was assumed to be 0.45 acetic acid mole fraction, 0.45 ethanol
mole fraction and 0.1 water mole fraction. For the heterogeneous reaction kinetics, two initial
compositions were studied. One composition was the same as that for homogeneous study
that was, an acetic acid mole fraction of 0.45, ethanol mole fraction of 0.45 and a water mole
fraction of 0.1 and the other composition was 0.5 mole fraction of acetic acid and 0.5 mole

fraction of ethanol.
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4.3 Material and enthalpy balance model equations

A summary of the model equations for modeling esterification reaction of acetic acid

in a batch reactive distillation column are given in equations 4.2.1 to 4.2.6.

These material and enthalpy balance equations were used in modeling ethyl acetate
production process.

(1) Model equations for condenser reflux drum

%0 =V, =Ly =D+ A D Ry -oeeeee (3.3.4)
i=1
dX,; V, <
00 Ty X Ceeees 3.3.9
i A (Yo = %)+ Ry, % 2R, (339)
dH V, :
dt“’ = Ki(HVl —H, )+RAH, —%— H > Ry eoeeee-(3.3.13)
" i=1
(it) Model equations% [Reactor Batoh
; =
d_?:Lo—VlJrAlle,i ............... (3.4.3)
i=1

A

M, _Q Ly _p ) Vnm - CHOSR e
dt - Ai Ai (HL,l H L,O) Ai (Hv,l H|_,1)+ RiAHr HL,1; R“ (3412)

% _ E(Xo,i _ Xl,i)+ %(Xl,i _ yl,i)+(R1,i _ Xl,iZC:Rl,ij ............ (3.4.7)
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4.4 Degrees of Freedom
The degree of freedom is the number of variables that must be specified in order to
define the process completely. This can be found by subtracting number of independent

equations from number of variables.

The following table 4.1 shows the number of independent equations.

Table 4.1: Number of independent equations

Equation Number Number of independent equations
3.34 1
3.3.9 4
3.3.13 1
3.4.3 1
3.4.7 4
3.4.12 1
351 4
3.5.2@' 2
SET :

From the above table, total number of independent equations is19.

The variables in modeling equations are as follows;

AO XO,l XO,Z X0,3 X0,4 H L,0 Vl LO D
Ai Xl,l X1,2 X1,3 X1,4 H L1 QO Ql P

yl,l yl,2 y1,3 yl,4
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Table 4.2: The variables in modeling equations

Ao Molar holdup in Condenser Vi Vapor flow rate
reflux drum
X Molar fraction of acetic acid in L Liquid flow rate
01 Condenser reflux drum 0 g
X0z Molar fraction of ethanol in D Distillate flow rate
Condenser reflux drum
Molar fraction of water in .
X0,3 Condenser reflux drum A1 Molar holdup in reactor
X Molar fraction of ethyl acetate in 0 Heat duty on Condenser reflux
04 Condenser reflux drum 0 drum
Molar fraction of acetic acid in .
X1,1 reactor liquid phase Q1 Heat duty on reboiler
Molar fraction of ethanol in .
X1,2 L P Pressure in the system
reactor liquid phase
Molar fraction of water in reactor Molar fraction of acetic acid in
X13 Lo Y11
liquid phase reactor vapor phase
Molar fraction of ethyl acetate Molar fraction of ethanol in
X1.4 . .. V1,2
in reactor liquid phase reactor vapor phase
H Liquid enthalpy in the Molar fraction of water in
L0 Condenser reflux drum yi3 reactor vapor phase
P O [ Molar fraction of ethyl acetate
Hie L _gze,;_ Ry myErsgtal Mondtaway S11 Ligtksador vapor phase
Degree of freedom F= | f variabl t equations

=22-19=3
Therefore, three variables need to be specified in order to obtain feasible solutions. Thus
following variables were specified as shown below.
1. Pressure P =1.013bar
2. Lo/V1 ratio

3. Vapor flow rate value = V1 (moles/hr)

The (total) vapor flow rate, Viwas considered as constant in this work and its value
was taken as 90 moles per hour. This enabled the determination of Lofor an assumed Lo/V1
ratio. Since the molar hold up in the condenser reflux drum, Ao was kept constant at 100
moles at all times, the value of D for an assumed Lo/V1 ratio could be determined. This

enabled the determination of the reflux ratio, R= Lo/D for the particular simulation run.
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Vapor-phase holdup was assumed to be negligible compared to liquid phase holdup
and chemical reactions were assumed to occur only in the liquid phase. Pressure was assumed
constant throughout the operation. Total condensation with no sub cooling was assumed in
condenser. Heat generated due to chemical reaction was taken into account in enthalpy

balance equations. Vapor phase was assumed to be an ideal gas.

4.5 Algebraic equations

In order to solve the model equations two total mole balance equations and eight
component wise mole balance equations were converted into algebraic equations using Euler
method.
By applying Euler method for differential equations 3.3.4, 3.3.9, 3.3.13, 3.4.3, 3.4.7, 3.4.12,
equations 4.5.1 to 4.5.6 were obtained.

(AO)t+At = At (Vl - Ly — D) + (AO)t

AtV.
(X0i) tear = (Xg,i )y +T1(Y1,i - XO,i) + ARy,

/)

‘ \-/ AT N
(H_ o) oa = (H{ 0’:‘%—&— F1ébtvam& Thes&t R A ssertatio

&y 4.5.3)
(Al)t+At = (Al)t +A[(LO _Vl) ........... (454)

At L AtV
(%) eear = (Xgi ) Jr—O(Xo,i - Xli) + : (X1| — Yui )+ R, At

......... (4.5.5)
AtQ, At L AtV,

(HL,l)t+At = (HL,l)t +

A1 d (HL,l - HL,O) _T(Hv,l - HL,1)+At RlAHr

. (4.5.6)
These twelve algebraic equations (4.5.1-4.5.6) were solved using computer software Matlab.
Vapor composition that is in equilibrium with liquid composition and bubble point

temperature were calculated simultaneously using bubble point program written using the

Matlab software.
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4.6 Bubble Temperature Calculation

Bubble temperature can be calculated using the steps in flow chart given in Figure
3.13. Example calculations of the parameters used for bubble point, calculation of the bubble
point temperature and the first iteration of the bubble point are shown in Appendix A,
Appendix B, Appendix C respectively.

It was assumed that initial acetic acid, ethanol, water and ethyl acetate mole fractions
were 0.45, 0.45, and 0.1,0 respectively. Saturated temperatures for four components were
calculated from Anotonie equations. Next approximate temperature value was then calculated
for those four temperatures. The saturated pressure values were calculated from Anotonie

equation for those approximate temperature determined.

The activity coefficients were calculated using Wilson equation (Smith et al., 2001).
For the esterification reaction of acetic acid with ethanol the Wilson parameters used in

determination of activity coefficients were as follows.

a,, = —130.6527,a,, —101.6588,a,, — 403.1564,a, , — —464.1529

a,, = 2.0311,4] , — WeB8A7H7 (4146611059, a) — 28.8790
al‘4 =1749. —)v 3,(' ot RO TS B 1 Ny Ao - (fl:’; - 28.879

a; ; = 0( fori = j))
These Wilson parameters used for the chemical species were taken from Simandl and Svrcek
(1991).

The bubble point calculation was carried out according to the steps shown in flow
chart in figure 3.13. Acetic acid was selected as j component and saturated pressure of that
component was calculated. The temperature for that pressure was then calculated. The
saturated pressure values were calculated for that temperature again. This iteration was
carried out until a temperature value was converged. An example calculation of how these
algebraic equations can be solved is given in Appendix C. The Matlab program written for

solving this is shown in Appendix D.

The combination of bubble point calculation and solving algebraic equations was
done as shown in flow chart in Figure 3.15.The Matlab program written for solving this is
shown in Appendix F. An example calculation of this is also shown in Appendix C.
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The Simulation was done until ethyl acetate percentage reduces to 0.05% in the condenser

reflux drum.
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CHAPTERS

REACTIVE DISTILLATION MODEL SIMULATION RESULTS AND
DISCUSSION

5.1 Homogeneous Reaction Kinetics

The value of ratio Lo/V1 was kept constant for each simulation run varying between
0.85 and 0.99. The total vapor flow rate V1 was considered as constant and its value was
taken as 90 moles/hr in this work. Condenser composition was obtained for different Lo/V1
ratios, 0.825, 0.85, 0.9, 0.95, 0.975 and 0.99.Reflux ratio R is Lo/D. The Simulation was done
until ethyl acetate percentage reduces to 0.05% in the condenser reflux drum. The initial
composition of the feed to the reactor and the condenser reflux drum was assumed to be 0.45

mole fraction of acetic acid, 0.45 mole fraction of ethanol and 0.1 mole fraction of water.

The table 5.1 shows the reflux ratio R for different Lo/V1 values from 0.825 to 0.99 when V1
is 90moles/ hr.

Table 5.1: Reflux ratio R values

Lo/V1 0.825 M 0:8% 09 Do3 0875 0.99

)

R 4.71\@%/ | 5.66 9 19 39 99
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5.1.1 Reactor composition variation with time

R=99; LO/V1=0.99; V1=90;

reactor composition

07 £ L |8 |8 |8 T
Acetic acid
Ethanol
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Water
Ethyl acetate
0.5~
c
L2 04
(&S]
©
©
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e
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0.1~
0 L r r r r r
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time, min

Figure 5.1: Reactor, '@gﬁ-position variation at.reflux 99

For Reflux re_xjuo 99 @ty va=| 99mates/hr reactor composition dynamics is shown in

Figure 5.1.As the reaction proceeds acetic acid and Ethanol (reactants) composition decreases

and water and ethyl acetate composition increases at first as the reaction take place. Ethanol

mole fraction reduces and acetic acid concentration rises due to high boiling point of the

mixture after about 600 minutes. Ethyl acetate vaporizes at higher rate after some time and

therefore its mole fraction decreases. Although water mole fraction increases as the reaction

proceeds it decreases as water starts to vaporize after about 4500 minutes from starting the

reaction.
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5.1.2 Condenser Composition variation with time
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Figure 5.2: Condenser composition
Lo/V1=0.825

oo

(- <)

2=k
[ e

30

800

=E=ER0
0.8 e i T T Vil L W
07
Wiater
06+ Ehc L
05
r
5
= 04}
® X 238
“; Y029
E 03 __\!
02k
0.1
D L
_01 1 L L 1 1
0 100 200 300 400 500
time,min

Figure 5.4: Condenser composition
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Figure 5.6: Condenser composition Figure 5.7: Condenser composition
L o/V1=0.975 Lo/V1=0.99

For Lo/V1=0.85, the reflux ratio of 5.66 is needed to keep the condenser holdup at
100 moles. The results show that the batch time for this is around 400 minutes to achieve the
0.05% of ethyl acetate end point in the Condenser reflux drum. Maximum mole fraction of

ethyl acetate in

The reac :_|":t$’§1d bolgats m olec fraCtione vakiati ors wath dinvenian -ondenser reflux
drum when Lo :GQ 30 Vaid. VA 290malesthr 4. Acetic acid
concentration reduces SIOW1y 10 abOUt oUVU MiNutes aiia tnei it StaitS 1o increase. Ethanol
mole fraction decreases throughout the batch time. Water mole fraction increases nearly
linearly. It starts to fall down at the end. In figure 5.4 ethyl acetate mole fraction increases
with time and achieves a maximum value and then starts to reduce. Similar results have been
reported in the work done by Patel et al (2007).Similar composition variations are also
observed for other Lo/V1 ratio values as seen in Figures 5.2 - 5.7. For the Lo/V1=0.9 the batch
time observed is around 550 minutes. As the initial composition assumption made was 0.45,
0.45 and 0.1 for acetic acid, ethanol and water mole fractions respectively, after the initial
composition estimation a rapid or abrupt change in compositions of these three species are

observed in all the figures from 5.2 to 5.7.

For Lo/V1=0.975 the reflux ratio required is 39.Batch time is around 2100 minutes.
Maximum acetate mole fraction is about 0.37 at 504 minutes. For Lo/VV1=0.99 the reflux ratio
required is 99.Batch time is around 5000 minutes. Maximum mole fraction of ethyl acetate is
around 0.39 at about 658 minutes.
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The ethyl acetate mole fraction in the condenser shows an increase as the Lo/V1 ratio
increases. The time taken to achieve this maximum also increases as the Lo/Vi or R is

increased.

The table 5.2 shows the effect of reflux ratio on ethyl acetate production. The Ap
shown in this table gives the moles of ethyl acetate, Ty is the batch time and Qt is reactor heat
load. Increasing reflux ratio results in an increment of ethyl acetate moles in the distillate and
heat duty requirement in the reactor batch. As the reflux ratio increases the batch time also
increases and the average production rate reduces. Ethyl acetate mole percentage at the end of
the distillation and the maximum purity of ethyl acetate in condenser increases with the
increase in reflux ratio. When the reflux ratio increases from 9 to 19 ethyl acetate moles in
the distillate increases from 866.54moles to 1051.4moles.Batch time increases 7.01hrs to
13.93hrs.Therefore average production rate reduces 123.49moles/hr to 75.46moles/hr.
Reactor heat load also increases from 1.35kJ to 2.70kJ.Depending on the industry
requirement either the reflux ratio 9 or 19or any other reflux ratio could be selected to suite

their operation conditions.

Table 5.2: Effect of reflux ratio on EAc production

Ag"’g shlRscsAverage e fEAs Maximum

Lo/V1 | Reflux o Qt*10° . production | Mole Purity of

. . EAC fime ) :
ratio | ratio (moles) kJ Th(hrs) Rate Percentage EAc(fraction)

moles/hr in distillate In condenser

0.825 | 4.71 688.8 0.7969 |4.16 165.31 17.49 0.2327
0.85 | 5.66 740.11 | 09201 |48 154.19 19.01 0.2495
0.9 9 866.54 | 1.3524 |7.01 123.49 22.87 0.2901
095 |19 1051.4 | 2.705 13.93 | 75.46 27.94 0.3419
0.975 | 39 11743 |5.54 2841 |41.32 30.61 0.3725
0.99 |99 1246.7 |14.054 |71.78 |17.36 32.16 0.3929
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5.1.3 Ethyl acetate purity in the accumulated distillate

The distillate taken out from the condenser is accumulated as the output product. This
product is referred to as the accumulated distillate. The ethyl acetate composition percentages

in the accumulated distillate varying with time for Lo/Viratios 0.825 to 0.99 are shown in

figure 5.8.
Ethyl acetate percentage
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Figure 5.8: Ethyl acetate purity in'the accumutated distillate

Ethyl Acetate mole fraction in the accumulated distillate increases with time and
achieves a maximum and then it declines for all Lo/V1 ratios as shown in figure 5.8. The
maximum value of ethyl acetate declines with decrease in reflux ratio. Ethyl acetate

percentage gets its maximum value at a lesser time as the reflux ratio decreases.

Ethyl acetate mole fraction reduces after achieving a maximum as ethanol and water
vaporizes. Similar results have been observed in the work done by Patel et al., (2007).In their
study ethyl acetate mole fraction increases rapidly at first and achieves a maximum and then

reduces.
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5.1.4 Dynamics of reactor temperature
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Figure 5.9: Dynamics of reactor temperature
The varratron of temperature Wrth time for drfferent reflux ratios in the reactor is
\rate of change of temperature mcreases Wlth decrease in Lo/V1 ratio.

For all Lo/V1 ratioéf{,\h _;temperature_|,ncre_a_ses it time.

shown in figure 5.
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5.1.5 Conversion of Acetic acid

Conversion of Acetic acid
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Figure 5.10Dynamics&f conbersion ofidsetid defchwithitime

The conversi v-"(’:)f acetic’acid in the reactor batch andcohdenser reflux drum is shown

in figure 5.10.The conversion increases with time and achieves a constant value. The

conversion is higher at high reflux ratios and achieves faster.
5.2 Heterogeneous Reaction Kinetics Model Simulation

The simulation results of modeling with the heterogeneous Kinetic equation (4.1.7) are
discussed in this section. Similar to the homogeneous kinetics modeling study, in this case
also the value of Lo/V: ratio was kept constant for each simulation run varying between 0.7
and 0.99. The total vapor flow rate V1 is considered as a constant with the value90 moles/hr.
The simulation was done until ethyl acetate percentage reduces to 0.05% in the condenser
reflux drum. The initial composition of the feed to the reactor and the condenser reflux drum
was assumed to be 0.45 mole fraction of acetic acid, 0.45 mole fraction of ethanol and 0.1

mole fraction of water.
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5.2.1 Condenser composition at various reflux ratios
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Figure 5.11 Condenser composition
for Lo/V1 =0.7
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Figure 5.13 Condenser composition

Figure 5.14 Condenser composition

for Lo/V1=0.85
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Figure 5.12 Condenser composition
for Lo/V1=0.825
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Figure 5.15 Condenser composition

for Lo/VV1=0.95
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Figure 5.17 Condenser composition
for Lo/V1=0.99
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Figure 5.16 Condenser composition
for Lo/V1=0.975

Figures 5.11 to 5.17 represent the reactants and products variation for Lo/V1 ratios

0.7, 0.825, 0.85, 0.9, 0.95, 0.975 and 0.99 when heterogeneous catalyst is used. These graphs

show that the maximum ethyl acetate mole fractions are lower than that of the homogeneous

catalyst. Increasing Lo/V1 ratio results in increment of ethyl acetate mole fraction in the

condenser similar to the increment results shown in the homogeneous case. Acetic acid and

water mole fraction show an increase as the reaction proceeds.

50



5.2.2 The variation of process parameters with reflux ratios

The accumulated distillate is considered as the product taken out from the condenser
and accumulated. The ethyl acetate composition percentage in the accumulated distillate
variation with time is shown in Figure 5.18. The variation of reactor temperature and the

acetic acid conversion in the reactor batch with time for different Lo/VV1 ratios when

heterogeneous kinetics are used are shown in Figure 5.19 and Figure 5.20 respectively.
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Figure 5.18: Ethyl Acetate percentage in the accumulated distillate when the heterogeneous

catalyst is used.
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Figure 5.19: Dynamics of reactor temperature (°C) for heterogeneously catalyzed system
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The initial s es of the“curves i heterogeneous eatalyst-study shown in figure5.18

are smaller than that of the study done with homogeneous catalyst (figure 5.8). Ethyl acetate

percentage in the accumulated distillate in heterogeneous catalyst is lower than the

homogeneous catalyst. The better performance characteristics of the homogeneous catalyst

compared to the heterogeneous catalyst used in this work is also shown in the study of De

Silva et al (2014).The dynamics of reactor temperature is shown in figure 5.19.At small

reflux ratios the temperature of the reactor increases rapidly. The temperature of the reactor

increases slowly at high reflux ratios. The conversion of acetic acid in the reactor batch when

heterogeneous catalyst is used in the reaction is shown in figure 5.20.
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5.2.3 Effect of Reflux Ratio on Ethyl Acetate Production

Table 5.3 Effect of reflux ratio on EAc production-heterogeneous catalyst

A Average EAC Maximum
0 .
Lo/Vi | Reflux: | 2 o Thb(hrs) | production Mole Purity of
ratio | ratio Percentage | EAc(fraction)
(moles) Rate L
in distillate | In condenser
(moles/hour)
0.7 2.33 21.83 2.65 8.23 0.5078 0.0081
0.75 |3 26.11 3.18 8.20 0.6077 0.0096
0.825 | 4.71 38.59 4.98 7.74 0.8197 0.0136
0.85 |5.66 44.89 5.81 7.71 0.9519 0.0158
0.9 9 67.19 9.15 7.34 1.3599 0.0234
095 |19 129.68 17.48 | 7.41 2.7473 0.045
0.975 | 39 244,67 | 3498 |6.99 5.1808 0.0835
0.99 |99 5Q1.62 83.31 6.02 11.1495 0.1676

The effect oF:Feflux Tafio o Aedlimufted ethyl acetate in distillate (Ap), total batch

time (Tbh) and the production raie of ethyi acetate for heterogeneous cataiyiic Kinetics study is

shown in table 5.3.Ethyl acetate moles in the distillate are low at small reflux ratios. Although

the product moles increase as the reflux ratio increases, it leads to higher batch time.

Therefore there is not much variation in the average production rate. Considering Table 5.2

and Table 5.3 it is apparent that homogeneous catalyst is more suitable than heterogeneous

catalyst studied in this work for reactive distillation.
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5.2.4 Average ethyl acetate production rate for initial reactant composition of 50%

acetic acid and 50% ethanol

The model for reactive distillation of acetic acid and ethanol having initial mole
fractions 0.5 with the cation exchange resin as the heterogeneous catalyst was simulated. The
simulation results ethyl acetate moles, average production rate and ethyl acetate mole
percentage are shown in table 5.4.

Table 5.4: EAc production rates for various Lo/V1for acetic acid to ethanol initial reactant
ratio of 1:1with heterogeneous reaction Kinetics

Maximum
EAc Purity of
Lo/V1 | Reflux Average production | Mole .
ratio ratio To(hrs) Rate(moles/hour) Percentage IIEnAc(fractlon)
In distillate
condenser
0.825 |4.71 4.98 7.34 0.77 0.0131
0.85 5.66 5.81 7.32 0.90 0.0152
0.9 9 9.15 6.97 1.29 0.0225
0.95 19 |k 1 (490 12163 n0.0437
0.975 |39 F@ig 1680 D558 26
,".'.': . “_'["“’ TTIFS ITVIFT a0 I
0.99 99 3 | 6.11 41

The results in table 5.4 and table 5.3 shows that there is not much variation in
simulation results for the two different initial reactant compositions used, that is acetic acid

ethanol ratio of 1:1 and acetic acid: ethanol: water ratio of 0.45:0.45:0.1.

Ethyl acetate product moles and production rate are higher in acetic acid initial 0.45
mole fraction case compared to 0.5 mole fraction case except in 99 reflux ratio. Ethyl acetate
mole percentages in the accumulated distillate at the end of the batch time and the maximum
purity of ethyl acetate in the condenser are higher in acetic acid initial 0.45 mole fraction

study compared to that of 0.5.
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5.3 Comparison with literature results

The reactive distillation modeled results using homogeneous kinetics were compared
with the data available in the literature. Patel, Singh, Pareek and Tade(2007) have modeled a
batch reactive distillation column for ethyl acetate synthesis. Ten ideal separation stages have

been considered for their model and the model simulation shows similar results to this study.

The variation of reactor compositions with time (figure 5.1) show results similar to
that of in the study done by Patel et al.,(2007).Both studies show a rise in ethyl acetate mole
fraction from zero reaching a maximum value and then gradually falling as time increases.
The initial rise in the ethyl acetate mole fraction is due to the high initial rate of reaction. This
high initial rate of reaction is due to high reactant concentration assumed at the initial
modeling iteration. The reactants concentration reduces as the products are separated in the
reactive distillation. Therefore rate of reaction reduces. Acetic acid mole fraction gradually
decreases with time as the reactants are consumed and finally an increase is shown in the
batch reactor. The Acetic acid has the highest boiling point in the mixture and it retains in the

reactor while other components vaporize. Therefore an increment is shown in the final stages

of the batch time. Etpe nole;fractigr fatts\as ihe reactionprpceads separation takes
place. =
The reac ds in this work

(figure 5.9) and a similar behavior is observed in the study of Patel et al., (2007).

When Lo/V1 ratio is 0.9 the conversion obtained in this work is 0.42 fraction (figure
5.10). The conversion is 0.65 in Patel et al. (2007) when Lo/V1 is 0.9. The higher conversion
in Patel et al. (2007) could be because of the 10 ideal separation stages that they have

considered in their reactive distillation unit.

It takes 7 hours to achieve the 42% conversion when Lo/V1 is 0.9 in this research
work. In Patel et al. (2007) the batch time is 11 hours to achieve 65% conversion when Lo/V1
is 0.9. Initially conversion rises rapidly due to high rate of reaction. As the ethanol moles are
consumed the conversion becomes constant. The conversion is higher at high reflux ratios for

both cases.
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CHAPTER 6
CONCLUSIONS& RECOMMENDATIONS

6.1 Conclusions

In order to investigate the performance of a batch reactive distillation unit with single
separation stage a mathematical model was developed. The model was applied in a reactive
distillation of acetic acid and ethanol and simulated for a total reactor content of 5000moles
by varying the reflux ratio. Ethyl acetate mole percentage in the accumulated distillate was
obtained for these different reflux ratios. Homogeneous kinetics and heterogeneous kinetics

were studied.

The most suitable reflux ratios for the reactive distillation using sulphuric acid
homogeneous catalyst are 0.9 or 0.95.When the reflux ratio increases from 0.9 to 0.95, ethyl
acetate moles in the distillate increased from 866.5 to 1051.4 and the production rate reduced
from 123.49moles/hr to 75.46moles/hr. Depending on the industry requirement the reflux
ratio 0.9 or 0.95 can be selected. The increase of reflux ratio results in an increment of reactor
heat load. The heterogeneous kinetics study under the conditions of the reactive distillation
modeled in this vvogk»ﬂ .Jid not show good results. It can’ be concluded that homogeneous

catalyst is more su1tab|e than the heterogeneous catalyst studied in this work.

The modei deveioped in this work for modeiing reactive distiiiation can be used for
different reaction Kkinetics of acetic acid esterification with ethanol. The computer software
program developed to use in the matlab environment can be used to find the concentrations of
reactants and products at a given time. By comparing the simulation results the most suitable

reactive distillation operating conditions can be selected.
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6.2 Recommendations for future work

This modeling and simulation work and the matlab programme developed can be also
used for other equilibrium reactions that can be applied in reactive distillation. The optimum
conditions for batch reactive distillation can be obtained for those equilibrium reactions.
Relevant vapor and liquid equilibrium data and kinetic data should be available to use this

program.

The suitable operating conditions can be obtained for different heterogeneous
catalysts as well as homogeneous catalysts by using their reaction kinetic data. This modeling
work can be further extended by adding more number of separation stages to the reactive

distillation column.

The simulation can be further done for different batch sizes and with different initial

reactant mole compositions. This model can be validated with experimental work.
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Appendix A: An example calculation of parameters used for bubble point

calculation

Acetic acid:V,, =179.7cm®/mol; Z, = 0.211,T,, = 592K
Ethanol:V_, =167.0cm®/mol; Z , = 0.240; T, =513.9K
Water:V_, =55.9cm®/mol;Z_, = 0.229;T,, = 647.1K

Ethyl acetate:V,, = 286.0cm®/mol;Z_, = 0.255;T,, = 523.3K

(a) Calculating molar volumes

V sat =V Z (1_%C))-2857

Assume Tempel

sat f;% (S7DLN5 5 7
V™ =179.7 ciiEgsnol x0.21.1

0.2857

(1_37%13.9 )

V,* =167.0cm?®/mol x0.24 =61.92824

370 0.2857
(1* 6471 )

V,**" = 55.90cm®/mol x0.229 =17.579306

_37%23.3

V" — 286.0cm?/mol x0.255." ) _109.2657
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(b) Determination of temperature dependent parameters

G, = i exp[ — 2
1=y, TPURT

V. —a
G . =—-te I
v, Xp[ RT j

G,, = V2 exp| = exp (130.6527/370)=1.589567311

1 RT

a,,) 61.928
55.458

V
G,: = V_36Xp(

1

exp(—2.0311/370)=0.3152488279

—a,; ) 17.579306
RT 55.458

= exp(—1749.9343/370)= 0.0173980767
55.458

[— a, ., j 109.2657

—a
G,, = \%exp[ 24] — 22458 b (~101.6588/370) = 0.6803826245

2 RT ) 61.928
= —=exp|it=Ei— f=d
22 =y Py "

G, .= Bexp| —223 | =220F9Y8 ovpn(—198.1757/370) = 0.166150711
23 » pL RTJ 61.928 P ( /370)

exp(— 288.2011/370) = 0.8096835545

—a,, j ~109.2657

\%
G,,=-"2e
ARV Xp[ RT 61.928

—a
Gy, = Mexp| “ 221 |- 59498 . 403.1564/370)=1.061084683
’ 17.579306

—a
G,, =-2exp 22 |__61.928 ., (—466.1059/370) = 0.9995044523
' 17.579306

3
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—a
I =\£exp 34 | _ 109.2657 exp(—1195.67/370) = 0.2454945763
’ RT 17.579306

—a
G, =L exp a1 | 99458 o 1(464.1529/370) = 1.779461417
TV, 109.2657

—a
G,, = \Qexp az | _61.928 exp(— 28.8790/370) = 0.5242107598
SRV 109.2657

\V/ —a 17.579306
G,.=—3¢e 23 | = exp(—26981.1/370) = 3.4430 <10
v, Xp[ RT ] 109.2657 xP( 1/370)

G,., zx—“exp(o):l

4

(C) Detevw\:v\n-‘-;r\v\ AF antnsih s AannfFiAiANnt

€3
Y

Iny =1—1In X Gy ~ =
Ny, (475 LKJLZJXJ_GKJ_

XlGl,l

Iny, =1-IN(xX,G,;, +x,G,, +X;G, ; + X,G —
1 1 1,1 2 1,2 3 1,3 4 1,4
( ) XlGl,l + XZGl,Z + X3G1,3 + X4GL4

In 3, =—0.0551539989

v, = 0.9463394014

— XlGl.Z
ny,=1-IN(xG,, +x,G,, +x;,G,;,+Xx,G, ,)-——7—— -

XlGl,l + XZGl,Z + XSGl,3 + X4Gl,4

In 7, = 0.5781461348

- = 1L. 782730423
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Iny, =1—1In (leg’1 + XG5, + X3Gg 5 + X,Gy 4 ) — G
X1G1,1 + XZGI,Z + X3GI,3 + X4G1,4

In 3, =0.6604718476

v, =1.935705477

XlG4,3

ny, =1-IN(xG,;, +X,G,, +%X,G,, +%X,G — .
4 14,1 2 4,2 3%4,3 4 4,4
( ’ ’ ’ ' ) XlGl,l + X26‘1,2 + X3Gl,3 + X4G'l,4

In 7, = 0.4620788076

v, =1.587370395

(d)Calculating vapor pressure
Anotoine equation fﬁapour préssuve

log P** = A—i
T+C

For Acetic acid

A=7.5596, B =1644.05,C = 233.524

P = 383.063mmHg

For Ethanol
A=8.20417,B =1642.89,C = 230.3

P =1519.83mmHg

66



For Water

A=8.07131,B =1730.63,C = 233.426

P* = 678.202mmHg

For Ethyl Acetate

A=7.2597,B =1369.41,C = 235.5

P =1378.21mmHg
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Appendix B: bubble point temperature determination example calculation

First Iteration of bubble point calculation
P=760mmHg
Let’s assume
(1) Acetic acid mole fraction=0.45
(2) Ethanol mole fraction=0.45
(3)Water mole fraction=0.1

(4) Ethyl acetate mole fraction=0

sat _ B,

o =————C,
A —log P
For Acetic acid A= 75506 B —1644.05.C — 233.524
-

TlSat =117.86 %ﬂ‘“

For Ethanol A b
TzSat =178.32

For Water A=8.07131,B =1730.63,C = 233.426
T2 =100

For Ethyl Acetate A =7.2597,B =1369.41,C =235.5

T =71.23

T — z XiTisat — Xl-l-lsat + XZTzsat + X3Tasat + X4-|-4sat
i

T =98.28°C
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Bi
T+C,

IOg Pisat — AI _
P =14375.13 P, =114.038 P =0.6776 P/ =3.1569

Iny =1- IanA Z XAy

D XAy

a,, =—130.6527 a,, =101.6588 a,, = 403.1564 a,, = —464.1529
a,, =2.0311 a,, =198.1757 a,, = 466.1059 a,, = 28.8790

a,, =1749.9343 a,, =198.1757 a,, — 466.1059 a,, — 28.879
a;; =0(fori=j)

(1) Acetic acid:V, :{_1?‘79.7(:m3 /mol;Z, =0,211, T, =592K
(2)Ethanol:V,, = 167‘6izm Imol.Z ., =.0,240: T, =513.9K

(3) Water:V,, =55.9cm®/mol; Z , =0.229;T, = 647.1K

(4) Ethyl acetate:V,, = 286.0cm® /mol; Z, =0.255;T,, =523.3K
1_-|— .2857
V sat — VC Z(g /I' c ))

T =98.28

V, =1.550876 V, =1.423288 V, =1.409967 V, =1.52938
Ay, =1 A,,=1344 A,,=0.903 A,,=0.005903543

A,, =0.809382492 A,, —=1.009447632 A,, = 0.554864221 A,, = 0.462530073
A,, =0.338271289 A,, —0.258238087 A,, =1 A,, —0.024490565

A, =3.941342859 A,, =0.855252092 A,; =0 A,,=1
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X, A

Ny, =1-IN ) XA, — ) =8
Zi: b Zk: szAkj

In y, =-0.03929 y, =0.961471

In y, =0.037237 y, =1.037939

Iy, =1.010128 y, = 2.745953

Iny, =0.03834 y, =1.039085

P

S (%71 @, P /P)

sat __
Pj =

Select Acetic acid as j component from the set (i)
Pfat =183.607
Calculate Temperatuf??

B.
T=— 1l _-C, T=7692536
A —In Pf""

Bi
T+C

IOg Pisat — AI _

P> =3536.322 P =36190.02 P =9345.951 P/ =38788.75

sat
_Xrin

P
y, =2.013199 vy, =22.24128 vy, =3.376782 y, =0

T =76.92536

A, =1 A,,=13296 A,,=0.9085 A,,=0.00662
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A,, =0.8170055 A,, =1.001833 A,, —0.56669 A,, = 0.470607162
A,, =0.34593 A,, =0.2645796 A,, =1 A,, —0.0265743
A, —3.83674 A,,=0.8589740 A,, =0 A,,=1
X, AL

Ny, =1-IN) XA, — ) —=——

Zi: b Zk:ZXjAkj
In y, =-0.03776 y, =0.962942
Iny, =0.02238 y, =1.022632
In y, =1.06441 y, = 2.899127
In y, =0.000163 y, =1.000163

P

O GRS

sat __
P =

Select Acetic acid a@'ﬁomponent from theset(4)
PJ.Sat =147.7789

Calculate Temperature

B.
T :—Jsat_Cj T =71.49526
Aj—ln PJ.
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By lIterating

Table 3.2:Bubble point temperature and vapor composition

Temperature Y1 Y, Y; Y,
98.28026 2.013199 22.24128 3.376782
76.92541 1.317713 15.55649 2.37511
71.49528 1.138841 13.78373 2.096188

Proceed the iteration till ) yi=1.

C::g iy
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Appendix C:Solving model equations

First Iteration of bubble point calculation
P=760mmHg

Let us assume
(1) Acetic acid mole fraction=0.45
(2) Ethanol mole fraction=0.45
(3)Water mole fraction=0.1
(4) Ethyl acetate mole fraction=0

B.

sat __ i

i T A Db Ci
A —log P
For Acetic acid A =7.5596, B =1644.05,C = 233.524

T, =117.86

T

For Ethanol A =&; 111 3=1642.89,C = 230.3
TS =78.32

For Water A=8.07131,B =1730.63,C = 233.426
TS =100

For Ethyl Acetate A =7.2597,B =1369.41,C =235.5

T =77.23

_ sat __ sat sat sat sat
T= Z X T = X T+ X, T+ X, T2+ %, T,
i

T =98.28°C
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Bi
T+C,

IOg Pisat — AI _

P =402.4583 P,* =1600.311 P;* =714.4188 P,/ =1435.393

Iy, =1-In > XA —ZX"—AK'
- AL

a,, =—130.6527 a,, =101.6588 a,, =403.1564 a,, = —464.1529
a,, =2.0311 a,,=198.1757 a,, =466.1059 a,, =28.8790
a,, =1749.9343 a,, =198.1757 a,, =466.1059 a,, = 28.879
a,; =0(fori=1})

(1) Acetic acid:Vv,_, = 179.7gm3 /mol;Z_ =0.211; T, = 592K

(2)Ethanol:v_, = 167.0crr{:_‘},ir.hol; I lectronm T, [ n658 9K

(3) Water:v_, = 55.9cm3\/:c;l; Z., =0.229;T, =647.1K

(4) Ethyl acetate:V_, = 286.0cm®/mol; Z_, = 0.255;T_, = 523.3K
T .2857
sat ___ (1 /r )O
Vosat —\ z YT

T =98.28

V, =55.5768 V, =62.1010 V, =17.6089 V, =109.5433

A, =1 A,,=1.1656 A,,=0.3166 A,, =1.1183

A,, =0.8659 A,,=1.009447632 A,,=0.2659 A,,=1.606
Ay, =2.7698 A,,=3.0325 A,,=1 A,,=4.2236

A,, =058% A,,=05616 A,,=0 A,,=1
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Iny =1- IanA Z Xl

> XAy

In y, =—0.00542 y, =0.9945

In ;, =—0.00908 j, =0.990957
In », =—0.31399 j, =0.730527

In », =0.167025 », =0.167025

P

AT CRES

sat
P =

Select Acetic acid as j component from the set (i)

P =323.347

ﬁ
./

Calculate Temperaftire
B.
T :—’t—Cj T =92.0349
A, —In P
B
IO Psat — A _ i
gh A T+C,

P =323.347 P;* =1280.348 P;* =567.3297 P/ =1198.784

7P5at
P

y, =0.19042 vy, =0.751245 vy, =0.054533 vy, =0

T =92.0349
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Ay, =1 A,,=11632 A,,=03172 A,,=1.1056
A, =0.86790 A,,=1 A,,=0.2669 A,,=16059
A,, =2.7582 A,,=3.01034 A,,=1 A,,—4.1803

A,, =05921 A,,=05609 A,,=0 A,,=1

Iny, =1- Ian A,

ZZX Ay

In , =—0.00551 j, =0.9945
In ;, =—0.00888 ;, =0.9911
In y, =—0.30934 », =0.7339
In », =0.172688 ,, =1.1884

P

Z( i/, (%%Psat)

sat _
Pi

Select Acetic acid aSJ component from the set (i)

PjSat =324.4535

Calculate Temperature

B.
A; —InP



By lIterating
Calculated through trial and error

Table C.1:Bubble point temperature and vapor composition

Iteration Input Output
temperature Y1 Y2 Y3 Ya temperature

number- | for Iteration of the Iteration

1 - 0.237007 | 0.938975 | 0.055173 0 98.28026

2 98.28026 0.19042 0.751245 | 0.054533 0 92.0349

3 92.0349 0.191055 0.75402 | 0.054985 0 92.13057

4 92.13057 0.191045 | 0.753976 | 0.054978 0 92.12905

5 92.12905 0.191045 | 0.753977 | 0.054978 0 92.12908

6 92.12908 0.191045 | 0.753977 | 0.054978 0 92.12908

Solving Algebr :aﬁﬁ?éa‘i;: 13

Assume
(A),=5000 (A)),=100 At=1min

Condenser holdup 100 moles assumed to be constant throughout the process.

Applying Euler method

(AO)t+At = At (\/1 - I—o - D) + (AO)t
. L )
Let us say V, =90; % =0.95;
1
L, =0.95x90 =855

D=V,—L,

D=90-85.5=4.5
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AtV
(X0 ) teat = (Xg,i s +T1(y1,i _Xo,i) + ARy,

ALV,
0i/2 =\ Rgi 1 — i — o, AtROi
02 = O, Dy + = (Vi —%o;) + AtR,

R :pz—Xi(folxz — K X;X,)
(inMi)

Where K, =4.76x10*litre / gmol.min (Mujtaba and Macchietto,1997).

K, =1.63x10litre / gmol.min (Mujtaba and Macchietto,1997).

M, =60.05 M, =46.068 M, =18.015 M, =88.105

10° x(4.76x10™* x0.45x 0.45-1.63x 10 x 0.1x 0)
(045 60.05 + 0.45 x 46.068 + 0.1 18.01528 + 0 x 88.105)

=0.00195

AH, =-14.5 Q’/ mol'{Giéssletet alll Zo01):

Calculation of Condenser composition at t=1minute

(Xo1) , = 0.45+0.9x(0.191045—-0.45) + 0.0019 = 0.2150

AtV, (

(XO,Z) 2 = (X0,2)1 +— y1,2\ - XO,Z) + AtRO,Z

(Xo,) » = 0.45+ 0.9 x x(0.753977 — 0.45) —0.00195 = 0.7216

AtV (

(Xo,3) 2 = (Xo,s)l +— Yz — X0’3) + AtRO’3

(Xo3) » = 0.1+0.9%(0.054978 —0.1) + 0.0019 = 0.0614

AtV
(X0,4) 2 = (X0,4)1 + Tl(ym - X0‘4) + AtRO’4
(Xo4), =0.9%(0.—0) + 0.0019 =0.0019
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Calculation of reactor composition at t=1minute

At L AtV
(Xl,i)t+At = (Xl,i )t +TO(X0J - X1,i) + Tl(xl,i — Vi )+ Rl,iAt

AtL,

(X)), =(Xy; ), + T(Xo,i - Xl,i) At—Vl(

Xii = Yui )+ R, At

At—LO( AtT\/l (X1,1 - yl,l)"' R,At

(X1), = (X1 ) + Xo1 — Xl,l) +

(X1), =0.45+85.5x10°(0.45-0.45) +90x10°(0.45-0.191045) = 0.4523

AtL

AtV
(X 2), = (X5 ), + TO(XO,Z - X1,2> + -

(Xl,2 - yl,2 >+ Rl,ZAt

(X,) , =0.45+90x10°(0.45-0.753977) = 0.4473

AR i\ QY4
(X1,3)2 = (X1,2 )1 + %Q"(Xo Kk | Xla) & All(xl.a n Y1v3)+ Rl,BAt

(X3), =0.1+855%x10°%(0.1-0.1) +90x10*(0.1—0.054978) = 0.1004

At Lo(

AtV
(Xp4) = (X4 )y +—— 13) -

(X1,3 - y1,3)+ Rl,BAt

03

(X,4), =0.9x107%(0-0)=0

Calculation of condenser heat load

AtV At
(Hio) oae =(Hio ) +T1(Hv,1 —H_,)+AtR,AH, _&
AtV, AtQ,

(Hio)o=(MHo) +T(HV,1 —H_ ) +AtR)AH, —

79



H @) =T,(@1)x (xoy1 (D) x CPL+ X, , (1) x CP2 + Xg 5 (2) x CP3 + X, 4 (2) % cp4)
H, o (1) = 92.129 x (0.45x123.1+ 0.45x125.305 + 0.1 75.3759 + 0 x170)
H, ,(1) =10993J / mol

Hy . () =y, ()< cplx T, (t) + hfglx y,, (1) + Y, , (t) < cp2x T, (1) +...
hfg2 x Y12 )+ Yis (t)x cp3x T, (t) + hfg3 x Y13 t) + 3/1,4(1:)>< cp4 < T, (t) + hfg4d x Y14 )

H, (1) = 92.129x(0.1910x123.1+ 0.7539 x125.305 + 0.054978 x 75.3759 + 0x170) + ...
(24140 %.1910 + 39388 x 0.7539 + 0.0549 x 40715 + 31940 x 0)

H, , (1) = 47805J / mol

T,(2) =84.1866 X,,(2) =0.215 X,,(2) =0.7217 x,,(2) =0.0614 X,,(2) =0.0019

H_0(2) = To(2) + {€33§2) <SPLc o (D TI5R 3k %02 £REEPB i Kore() < cP4)
H, ,(2) =10259J / mol

T,(2) =92.3066 x,,(2) =0.4527 x,,(2)=0.4426 x,,(2)=0.1028 x,(2)=0.0019

A, (H o) —H ot +AD)

o~ Vi ((Hy 2@ = H o) )+ A ) < Ry (1) x AH,

Qo (t) =

100 % (10993 —10259)
1

Q, () = +90x (4780510259 )+100 x 0.00195 x 14500

Q, (1) = 3455367J / min
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Calculation of reactor heat load

AtQ, AL
A A

AtV.
< (HL,l - HL,O) _Tl(Hv,l - HL,1)"‘At RlAHr

(HL,l)t+At = (H L,1)t +

AtQ  AtL
A

AtV
0 (HL,l - HL,O) _T(Hv,l - HL,l) +At RlAHr

(HL,l)Z = (HL,l)l +

Hy L () = T, (t)x (X, () x CpL+ X, , () X CP2 + X, 5 () x CP3 + X, , (t) x Cp4)

H, @ =T,(@)x (%, @) x cpl+ x, ,(1) x P2 + X, 4(1) x cp3+ X, , (1) x cp4)
H,,(1) =92.129x (0.45x123.1+ 0.45x125.305 + 0.1x 75.3759 + 0 x170)
H, (1) =10993J / mol

H () =T,(t)= (x%t) x cpASCH O epBatx, Ot} ep8LiR Oty < cp4)

H, ,(2) =T,(2)x (x11(2) x CPL+ X, ,(2) x CP2 + X, 4 (2) x CP3+ X, , (2) x cp4)

H_,(2) =92.3066 x (0.4527 x123.1+ 0.4426 x125.305 + 0.1028 x 75.3759 + 0.0019 % 170)
H,,(2) =11008 J / mol

AMHLE+A) —H . (©)

QM = ~ Lo(H L ® = Ho@®)+Vi(Hy .0 = HL 0 )+ A xR (0 x AH,
DH 2 —H_ Q&

Q. = AOHLOTHLO), | 1,0~ H, )+ V(H, .0 — HL0 )« AD < RO*AH,

Q@) = 5000 x (110108 —10993) +85.5x (10993 —10993) + 90 x (47805 —10993 )+ 5000 x 0.00195 x 145(
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Appendix D:

M file for solving algebraic equations in reactive distillation modeling

Q

% This M file simulates batch reactive distillation column for acetic acid
esterification

Reflux=19; %Reflux can be specified

R=Reflux;

V1=90; %Vl can be specified

LO0OvervV1=0.95;

LO=V1*L0OverVl;

D=L0/R;
Al1(1)=5000; % initial molar holdup of reactor
A0 (1)=100; % AQ can be specified initial molar hold up of condenser

% 1l-Acetic acid 2-Ethanol 3-Water 4-Ethyl Acetate
x01(1)=0.45;x02(1)=0.45;x03(1)=0.1;x04(1)=0; % xol can be specified,molar
fraction of condenser

x11(1)=0.45;,%x12(1)=0.45;x13(1)=0.1;x14(1)=0; % molar fraction of reactor

i=1:4;

M(1)=[60.05 46.068 18.01528 88.105]; % Molecular mass of substances
kf=4.76*10"-4;

kr=1.63*10"-4; % rate constants

cpl=123.1;cp2=125.3050;cp3=75.3759;cpd=170; %specific heat capacity J/mol.K
hfgl=24140;hfg2=39388,;hfg3=40715;hfg4=31940; % lat t 1 ‘ £ vaporization
J/mol
deltaH=14500;

delT=1;
totaltime=1050;

ap(1)=0;
gt=0;

for t=1:delT:totaltime % time interval,min

rho=1000; % density

RO (t)=rho* (x01 (t)+x02 (t)+x03 (t)+x04 (t))* (kf*x01 (t) *x02 (t) -
kr*x03 (t) *x04 (t)) /(x01 (t)*M(1)+x02 (t)*M(2)+x03(t) *M(3)+x04 (t)*M(4));% rate
of reaction, condenser

R1(t)=rho* (x11 (t)+x12(t)+x13(t)+x14(t))*(kf*x11(t)*x12(t)-
kr*x13(t)*x14(t))/ (x11(t)*M(1)+x12(t)*M(2)+x13(t)*M(3)+x14 (t)*M(4));%rate
of reaction boiler

a=[x11(t) x12(t) x13(t) x14(t)];% molar fraction of components in reactor
[T1(t) yll(t) yl2(t) yl3(t) yl4(t)]=bubble point (760,a):;

b=[x01(t) x02(t) x03(t) x04(t)];% molar fraction of components in condenser
[TO(t) y01l(t) y02(t) y03(t) y04(t)]=bubble point (760,b);%calls bubble point
function
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AQ (t+delT)=A0(t) +delT* (V1-L0O-D);% molar holdup of condenser at time=t+delT
min

Al (t+delT)=Al1(t) +delT* (LO-V1) ;% molar holdup of reboiler at time=t+delT min

xOl(t+delT)=xOl(t)+delT*Vl*(yll(t) XOl(t))/AO(t)—delT*RO(t);

%02 (t+delT)=x02 (t) +delT*V1* (y12 (t)-x02(t)) /A0 (t)-delT*RO (t) ;

%03 (t+delT)=x03(t)+delT*V1* (y13(t)-x03(t)) /A0 (t)+delT*RO (t);

%04 (t+delT)=x04 (t)+delT*V1* (y14 (t)-x04(t)) /A0 (t)+delT*RO (t) ;

x11 (t+delT)=x11(t)+delT*L0* (x01 (t)-x11(t)) /Al (t)+delT*V1* (x1l(t)-
y11l(t)) /Al (t)-delT*R1(t);

x12 (t+delT)=x12 (t) +delT*L0* (x02 (t)-x12(t)) /Al (t)+delT*V1* (x12(t) -
y12(t)) /Al (t)-delT*R1(t);

x13 (t+delT)=x13 (t) +delT*LO* (x03 (t) -x13 (t)) /AL (t)+delT*V1* (x13 (t) -
y13(t)) /Al (t)+delT*R1(t);

%14 (t+delT)=x14 (t) +delT*L0* (x04 (t)-x14(t)) /Al (t)+delT*V1* (x14(t) -
y14 (t)) /Al (t)+delT*R1 (t);

ap (t+delT)=ap(t)+x04 (t);% average product mole fraction

AP (t)=D*ap(t);%total product moles

totaldis (t)=5100-A1(t)-A0(t);%accumilated total distillate

EAcpercentage (t)=AP(t)*100./totaldis (t);%percentage of distillate in the
product

end lt‘.—i-“

HLO(t):TO(t)*(xOlTE}*cpl+x02(t)*cp2+x03(t)*cp3+x04(t)*cp4); blar enthalpy
of LO flow, J/mole

HLO (t+delT)=T0 (t+delT) * (x01 (t+delT) *cpl+x02 (t+delT) *cp2+x03 (t+delT) *cp3+x04
(t+delT) *cpd) ;

HL1 (t)=T1(t)*(x11(t)*cpl+xl2(t)*cp2+x13(t)*cp3+x14(t)*cpd);% molar enthalpy
of reactor, J/mole

HL1 (t+delT)=T1 (t+delT) * (x11 (t+delT) *cpl+x12 (t+delT) *cp2+x13 (t+delT) *cp3+x14
(t+delT) *cpd) ;

HV1 (t)=yll(t)*cpl*T1(t)+hfgl*yll(t)+yl2(t)*cp2*T1l(t)+hfg2*yl2(t)+yl3(t)*cp3
*T1 (t) +hfg3*y13 (t)+yl4 (t) *cpd*T1 (t)+hfgd*yld (t);% molar enthalpy of V1
flow,J/mole;

Q0 (t)=A0(t)/delT* (HLO (t)-HLO (t+delT))+V1* (HV1 (t)-

HLO (t))+A0 (t) *RO(t) *deltaH; % condenser heat duty J/min

Ql(t)=Al(t)/delT* (HL1 (t+delT)-HL1(t))+LO* (HL1 (t)-HLO(t))+V1* (HV1 (t)~-

HL1 (t))-Al(t)*R1(t)*deltaH; % Reboiler heat duty J/min

gt=gt+Q1l (t);%total heat load of reactor J
end

Qt=gt/1000%total heat load reactor
Th=(totaltime-1) /60%batch time
productionrate=AP (totaltime) /Tb%production rate moles/hr
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Appendix E:

M file to calculate bubble point temperature

function[T,y5,y6,y7,y8]=bubble point (P, x)

%bubble point function calculates bubble point temperature

%and vapor phase composition , Input arguments

% (1)Acetic acid (2)Ethnol (3)Water (4)Ethyl acetate and PmmHg

$0utput arguments bubble point temperature and vapor phase composition

i=1:4;

A(i)=[7.5596 8.20417 8.07131 7.2597];%Anotonie constants
B(i)=[1644.05 1642.89 1730.63 1369.41];

C(1)=[233.524 230.3 233.426 235.5];

y2(i)=[0 0 0 0];

Tsat (1)=B (i) ./ (
Tapprox=sum (x (i
Psat (1)=10." (A (i

A(i1)-1logl0(P))-C(i); %SAnotonie equation
) .*Tsat (1)) ;
i)=-(B(1) ./ (Tapprox+C(i))));

%Calculation of activity coefficient

% Calculating molar volumes

Ve (1)=[179.7 167 55.9 286];% Critical volume

Zc(i)=[0.211 0.24 0.229 0.255];%Critical Compressibility factor
Tc(i)=[592 513.9 647.1 523.3];
Vsat(i)=Vc(i).*(Zc(i).A((l~(Tapprox+273.13)./Tc(i)).AO.2857));
m=1:4;n=1:4; éﬁiﬁ

a(m,n)=[1 —130.6€25#2 oOBlleCITaf1g34129as a8 3 M1S4OBlAl1HT11988.2011;403.1564
466.1059 1 1195% #464.1529 28.8790 26%981.1 171;

for m=1:4 : =

for n=1:4

G(m,n)=(Vsat(n).* (exp(-a(m,n) ./ (8.314* (Tapprox+273.13))))) ./Vsat (m);
end

end

for i=1:4
activity (i
(x (1)*G(1,
(x(2)*G

Pjsat=P*Psat
Templ=B (1) ./
Plsat (i)=10.
i=1:4;

yl(i)=x(1i).*activity(i).*Plsat(i)./P;

1) /sum(x (i) .*activity (i) .*Psat(i));
A(l)-loglO(Pjsat))-C(1);
(A(1)-(B(1) ./ (Templ+C(i))));

>~ ~

Error tolerance=0.0001;
old guess=Tapprox;
new_ guess=Templ;

while abs(new _guess-old guess)>Error tolerance

old guess=new_guess;
Templ=o0ld guess;

Vsat2 (i)=Vc (i) .* (Zc (i) . ((1-(Templ+273.13)./Tc(i)).”0.2857));
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for m=1:4
for n=1:4
G2 (m,n)=(
end

end

for i=1:4
activity2 (i)=exp(1l-

Vsat2 (n).* (exp(-a(m,n) ./ (8.314* (Templ+273.13))))) ./Vsat2 (m);

log (x (1) *G2(1i,1)+x(2)*G2(1,2)+x(3)*G2(1,3)+x(4)*G2(1,4)) -
(x(1)*G2(1,1)/(x(1)*G2(1,1)+x(2)*G2(1,2)+x(3)*G2 (1, 3)+X(4)*G2(l,4)))—
(x (2)*G2(2,1)/(x(l)*G2(2,1)+x(2)*G2(2,2)+x(3)*G2(2,3)+x(4)*G2(2,4)))—
(X(3)*G2(3,1)/(x(1)*G2(3,1)+x(2)*G2(3,2)+x(3)*G2(3,3)+x(4)*G2(3,4)))
(x(4)*G2(4,1)/(x(1)*G2(4,1)+x(2)*G2(4,2)+x(3)*G2(4,3)+x(4)*G2(4,4)))
end

i=1:4;

P2jsat=P*Plsat (
Temp2=B (1) ./ (A(
P2sat (1)=10." (A
i=1:4;

y2 (i)=x(1i).*activity2 (i) .*P2sat (i) ./P;

1) /sum(x (i) .*activity2 (i
1)-1ogl0(P2jsat))-C(1);
(1 )

)= (B(1) ./ (Temp2+C(1))));

new_guess=Temp2;
end

T=new guess;
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Appendix F

M file for heterogeneous catalyst

[

% This M file simulates batch reactive distillation column for acetic acid
% esterification with heterogeneous catalyst

Reflux=19; %Reflux can be specified

R=Reflux;

V1=90; %V1 can be specified

LOOverv1=0.95;

LO=V1*L0OverVl;

D=L0/R;
Al1(1)=5000; % initial molar holdup of reactor
AQ(1)=100; % AQ can be specified initial molar hold up of condenser

% 1-Acetic acid 2-Ethanol 3-Water 4-Ethyl Acetate
x01(1)=0.5;%x02(1)=0.5;,x03(1)=0;x04(1)=0; % xoi can be specified,molar
fraction of condenser

x11(1)=0.45;x12(1)=0.45;x13(1)=0.1;x14(1)=0; % molar fraction of reactor

D

1:4;

1)=[60.05 46.068 18.01528 88.105]; % Molecular mass of substances
5.0%10"-4;

kw=3.2*10"-2;

ke=1.3*10"-1; % rate constants

i=
M (
k=

cpl=123.1;cp2=125.3050;cp3=75.3759;cpd=170; %specific heat capacity J/mol.K
hfgl=24140;hfg2=39388;hfg3=40715;hfg4=31940; % latent heat of vaporization
J/mol

deltaH=14500; %$heat of reaction, J/mol

delT=1; i
totaltime=1050/;

ap(1)=0;
qt=0;

for t=1:delT:totaltime % time interval,min

o\

rho=1000; % density

)
1) +x02 (t) *M(2) +x03 (t) *M (3) +x04 (t) *M (4)) "2
rate of reaction,condenser

RO (t)=rho"2*265.28*k* (x01 (t) *x02 (t
(x03(t)*x04(t)/1.907))/ ((x01(t)*M(
+kw*x03 (t) *rho+ke*x02 (t) *rho) "2;%

Rl (t)=rho”2*13264*k* (x11 (t)*x12(t)-
(x13(t)*x14(t)/1.907))/ ((x11(t)*M(1)+x12(t)*M(2)+x13(t)*M(3)+x14(t)*M(4))"2
+kw*x13 (t) *rho+tke*x12 (t) *rho) "2;%rate of reaction boiler

x11(t) x12(t) x13(t) x14(t) % molar fraction of components in reactor

a=| 1;
[T1(t) yll(t) yl2(t) yl3(t) yld(t)]=bubble point(760,a);

b=[x01(t) x02(t) x03(t) x04(t)];% molar fraction of components in condenser
[TO(t) y01l(t) yO02(t) y03(t) y04(t)]=bubble point(760,b);%calls bubble point

function

AQ (t+delT)=A0 (t)+delT* (V1-L0-D) ;% molar holdup of condenser at time=t+delT
min
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Al (t+delT)=Al1l(t) +delT* (LO-V1) ;% molar holdup of reboiler at time=t+delT min

xOl(t+delT)=xOl(t)+delT*V1*(yll(t) -x01(t)) /A0 (t)-delT*RO (t) /A0 (t);
x02 (t+delT)=x02 (t) +delT*V1* (y12 (t) -x02 (t)) /A0 (t)-delT*RO (t) /A0 (t);
x03 (t+delT)=x03 (t)+delT*V1* (y13(t)-x03(t)) /A0 (t)+delT*RO (t) /A0 (t);
x04 (t+delT)=x04 (t)+delT*V1* (y14 (t)-x04 (t)) /A0 (t)+delT*RO (t) /A0 (t);
x11 (t+delT) xll( )+delT*LO*(xOl( )-x11(t)) /Al (t)+delT*V1* (x11(t)-
y11l(t))/Al(t)-delT*R1(t) /Al (t);

x12 (t+delT) x12( )+delT*LO*(xO (t)-x12(t)) /ALl (t)+delT*V1* (x12 (t)-
y12(t)) /Al (t)-delT*R1 (t) /Al (t);

x13 (t+delT) x13( )+delT*LO*(xO (t)-x13(t)) /ALl (t)+delT*V1* (x13(t)-
y13(t)) /Al (t)+delT*R1 (t) /ALl (t);

x14 (t+delT) x14( )+delT*LO*(xO4( ) -x14 (t)) /Al (t)+delT*V1* (x14 (t) -
y14 (t)) /Al (t)+delT*R1 (t) /Al (t);

ap (t+delT)=ap (t)+x04 (t) ;% average product mole fraction

AP (t)=D*ap(t);%stotal product moles

totaldis (t)=5100-A1(t)-A0(t);%accumilated total distillate

EAcpercentage (t)=AP(t)*100./totaldis (t);%percentage of distillate in the
product

Conversion (t)=(50-A0(t) .*x01(t))/50;

end

for t=1l:totaltird
HLO (t)=TO (t) * (X@
of LO flow, J 3
HLO(t+delT)=TO(ﬁ?ﬁélT)*(xOl(t+delT)*cp1+xO2(t+delT)*cp2+x03(t+delT)*cp3+xO4
(t+delT) *cpd) ;

HL1 (t)=T1(t)*(x11(t)*cpl+x1l2 (t)*cp2+x13(t)*cp3+x14(t)*cp4d);% molar enthalpy
of reactor, J/mole

HL1 (t+delT)=T1 (t+delT) * (x11 (t+delT) *cpl+x12 (t+delT) *cp2+x13 (t+delT) *cp3+x14
(t+delT) *cpd) ;

»$*cp1+x02( Ol Hep A HX0SWD ) e p 3 txbid () 1 Coly ; blar enthalpy

HV1 (t)=y1l1l(t) *cpl*T1(t)+hfgl*yll(t)+yl2(t)*cp2*T1(t)+hfg2*yl2(t)+yl3(t) *cp3
*T1(t)+hfg3*y13(t)+yl4 (t) *cpd*T1l (t)+hfgd*yld(t);% molar enthalpy of V1
flow,J/mole;

Q0 (t)=A0(t)/delT* (HLO (t)-HLO (t+delT))+V1* (HV1 (t) -

HLO (t))+A0 (t) *RO (t) *deltaH; % condenser heat duty J/min

Ql(t)=Al(t)/delT* (HL1 (t+delT)-HL1(t))+LO* (HL1 (t)-HLO(t))+V1* (HV1 (t)~-
HL1(t))-Al(t)*R1(t)*deltaH; % Reboiler heat duty J/min

gt=gt+Q1l (t);%total heat load of reactor J
end

Qt=gt/1000 %total heat load reactor
Tb=(totaltime-1) /60 %batch time
productionrate=AP (totaltime) /Tb $production rate moles/hr
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